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ABSTRACT 

Experimental and CFD Investigation of the Mixing of MMA Emulsion Polymerization in a 

Stirred Tank Reactor 

Shideh Fathi Roudsari 

Doctor of Philosophy, Chemical Engineering Department 

Ryerson University, Toronto, 2015 

 

Although significant advances have been achieved in emulsion polymerization in recent decades, 

the effect of mixing on this type of polymerization has not been fully delineated yet. In fact, 

mixing plays a significant role in the performance of an emulsion polymerization reaction. For 

instance, in case of a very low agitation rate, larger droplets are generated and phase separation, 

which limits the diffusion mechanism, may occur. In contrast, vigorous agitation can result in 

reduced nucleation of particles. Therefore, the main objective of this study is to investigate the 

impact of mixing parameters (e.g. impeller speed, impeller type, impeller number, and baffles) 

on the monomer conversion, the polymer average molecular weight, particle size and size 

distributions, transition glass temperature, and number of particles.  

To achieve this objective, the emulsion polymerization of methyl methacrylate (MMA) was 

carried out in a lab-scale reactor equipped with a top-entry agitator, 4 wall baffles, a U shaped 

cooling coil, and a temperature controller. To analyze the reactive flow inside the polymerization 

reactor, a novel computational fluid dynamics (CFD) model was developed. The multiple 

reference frames (MRF) technique, k-ε model, and mixture model approach were employed to 

model the impeller rotation, turbulence, and multiphase flow, respectively. The particle number 

density distribution within the reactor was also estimated by means of the population balance 
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approach, which employs a discrete method to describe the nucleation and growth of the polymer 

particles. The experimental data and CFD results showed that the installation of the baffles 

enhanced the particle size and molecular weight but reduced the conversion and particle number. 

The number density achieved using the Rushton impeller was higher than that for the pitched 

blade impeller. The results revealed that the effect of the impeller speed on the characteristics of 

the polymer attained using the pitched-blade turbine was more prominent than that for the 

Rushton turbine. It was also found that the impact of the impeller speed on the polymer 

characteristics was much more pronounced for the double pitched-blade turbines rather than for 

the double Rushton turbines. 
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   Chapter 1 

1 INTRODUCTION 

Polymerization processes complex processes. There exists a wide variety of operating factors 

that can cause the production of polymer with totally different characteristics than the previous 

one. During polymerization, mixing and heat transfer have significant influence on the colloidal 

stability of latex particles. In emulsion polymerization, mixing, that causes in the bulk movement 

of the fluid, plays a vital role in maintaining the homogeneity of the reaction mass 

(Matyjaszewski and Davis, 2002, Patel el al., 2010a). The particle size distribution in emulsion is 

a key element in determining the mass and heat transfer rates through interfacial areas. Besides, 

it plays a crucial role in the design and scale-up of chemical reactors, mixers and separators.  The 

size distribution influences the molecular weight distribution and polymer architecture, and 

consequently latex properties.  

Complex systems require powerful computational tools to avoid expensive large-scale 

experiments and speed-up process and equipment optimization. Computational fluid dynamics 

(CFD) is a rapidly evolving discipline oriented on developing computational tools for solving 

problems related to transport processes (Paul et al., 2004; McKenna et al., 1998). CFD provides 

the numerical solution of the mass, momentum, and energy conservation equations. It also deals 

with the modeling of  turbulence (Soon et al., 1999), multiphase flows (Bouaswaig et al., 2008), 

and reactive systems (Patel et al. 2010a and 2010b), which have more complex flow aspects 

(Eskin and Derksen, 2011). It is important to emphasize that an emulsion polymerization system 

incorporates complicated flow features such as multiphase mixture (Reyes and Asu, 2010; 

Stubbs and Sundberg, 2008) and turbulence (Farzi et al., 2011; Paquet and Ray, 1994).  
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Even though significant advances have been achieved in emulsion polymerization in recent 

decades, the basic concept of mixing which is the basis for the formation of emulsion mixture 

has not been fully delineated yet. This is probably due to the conflicting results so far by various 

researchers (Nomura et al., 2005). Besides, estimation of the particle size distribution for an 

emulsion polymerization agitated in a mixing vessel has not been extensively investigated in 

both experimental and modeling aspects.  

The objective of this work is to study the impact of mixing conditions on the emulsion 

polymerization. Therefore, a new laboratory scale reactor was set up to study the effect of 

operating conditions and reactor configurations such as impeller speed, impeller type, impeller 

number and baffles on the monomer conversion, the polymer molecular weight, particle size and 

size distributions, transition glass temperature, and number of particles. To be able to visualize 

some of the mixing aspects, a novel CFD model was developed based on the population balance 

and reaction kinetics for the emulsion polymerization. Since the modeling of emulsion 

polymerization in a stirred tank reactor is very complex, two separate CFD models were 

developed at the beginning. In the first CFD modeling, the size distribution was estimated for a 

simple water and oil emulsion in a batch mixing tank at an unsteady state condition and 

population balance was used to determine the size distribution. In the second stage of this study, 

a CFD model was developed for solution MMA polymerization performed at a steady-state 

condition and the reaction kinetic model was coupled with the CFD model.  

Finally, the two mentioned CFD modeling procedures were expanded to develop a CFD model 

of the emulsion polymerization system in a batch reactor in at unsteady state condition. The CFD 

model of the emulsion polymerization incorporates the reaction kinetic modeling through 

population balance concepts and the transport model of a stirred medium. 
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Chapter two is organized in two sections: the first part is devoted to a thorough literature review of 

emulsion, emulsion polymerization, mixing, CFD modeling and scale up. In the second part, the 

research objective is presented.  

Chapter three describes in details the experimental setup, procedures, measurement methods and 

design of experiments.  

Chapter four is organized in three sections: the first one is dedicated to the development of the CFD 

model for the emulsion polymerization system and provides governing equations and reaction 

kinetics. The two other sections of Chapter four are devoted to the development of the CFD models 

for the water and oil emulsion and also modeling of solution MMA polymerization system. 

Chapter five provides a thorough discussion of the experimental and CFD results. This chapter is 

divided into five sections. Each section is organized in three parts; introduction, results and 

discussion, and concluding remarks.  

Finally, Chapter six summaries the major conclusions of this study and provides recommendations 

for future work. 
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  Chapter 2 

2 LITERATURE REVIEW 

2.1 An emulsion system 

An emulsion is a mixture of two or more immiscible liquids. One or more phases are dispersed 

as small droplets in the other continuous phase. The size of droplets has a significant impact on 

the stability and rheology of emulsion (Sjoblom, 2001). In fact, the droplet size distribution in 

emulsion is a key element in determining the mass and heat transfer rates through interfacial 

areas in chemical, petroleum, mining, food, and pharmaceutical applications. Besides, it plays a 

crucial role in the design and scale-up of chemical reactors, mixers and separators (Luo and 

Svendsen, 1996). Water-in-oil emulsions are predominantly found in petroleum industry 

(Aichele et al., 2009; Neumann and Paczynska-Lahme, 1988). A number of researchers have 

conducted the experimental studies on water-in-oil emulsions and investigated the effect of 

different parameters on the droplet size distribution (e.g. Boxall et al., 2010; Ohtake et al., 1987 

and 1988). 

2.2 Emulsion polymerization 

Emulsion polymerization is an important industrial process for the production of latex paints, 

rubbers, coatings and adhesives (Dimitratos et al., 1994). Acrylic resins, which have an 

important commercial application in paint industries, are prepared through the polymerization of 

acrylic and methacrylic acid or their corresponding esters. The key attribute of acrylic coatings is 

their resistance to hydrolysis during extended exterior exposure (weathering), hardness, gloss 
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and high alkali and oxidation resistance. One of the most important processes to manufacture 

acrylic resin is emulsion polymerization (Seda Tigli and Evren, 2005). 

Novel automotive underbody coatings (plastisols) can be prepared based on core-shell lattices 

produced from emulsion polymerization (Wang et al. 2004). Yet, MMA based plastisols have 

some drawbacks such as poor storage stability and more investigation is necessary to improve 

the characteristics of the product. 

Emulsion polymerization, which is a heterogeneous free radical polymerization process, involves 

emulsification of the relatively hydrophobic monomer in water by an oil-in-water surfactant, 

followed by the initiation reaction with either a water-soluble initiator such as sodium per sulfate 

or  an  oil   soluble   initiator   such  as  2.2’-azobisisobutyronitrile (Bovey et al., 1965; Chern, 2006; 

and Gilbert, 1995). Mechanisms and kinetics are different from bulk (Ma et al., 2010; and Demir 

et al., 2007) or solution free radical polymerization (Maschio and Moutier, 1989; Beuermann et 

al., 1995; and Fleury et al., 1992). According to Hansen and Ugelstad (1978), the classical theory 

of Smith-Ewart for nucleation of particles in emulsion polymerization has for some time been 

disputed. In accordance with this theory the nucleation of particles takes place solely in the 

monomer swollen micelles which are transformed into polymer particles by absorption of 

radicals from the aqueous phase. In the case of more water-soluble monomers, the Smith-Ewart 

expression does not satisfactorily describe the particle nucleation. Thus, the homogenous 

nucleation mechanism for the formation of particle nuclei in the continuous aqueous phase was 

introduced (Chern, 2006). In this type of nucleation, radicals are initiated by the thermal 

decomposition of waterborne initiator, and they can grow in size via the propagation reaction 

with those monomer molecules dissolved in the continuous phase. The oligomeric radicals then 

become water insoluble when the critical chain length is reached. The hydrophobic oligomeric 
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radical may thus coil up and form a particle nucleus in the continuous aqueous phase. This is 

followed by formation of stable primary particles via the limited flocculation of the relatively 

unstable particle nuclei to reduce the total oil-water interfacial area and adsorption of surfactant 

molecules on their particle surfaces to increase the particle charge density.  

The principle behind the homogenous nucleation mechanism is that the rate of generation of 

particle nucleus is primarily governed by the initiator and reaction temperature. The amount of 

surfactant molecules and sulphate end-groups of oligomeric radicals available for stabilizing 

particle nuclei produced in the continuous aqueous phase control the extent of flocculation of 

particle nuclei. To determine which particle nucleation mechanism predominates in a particular 

emulsion polymerization system is not straightforward. Hansen and Ugelstad (1979a, 1979b, 

1979c) suggested that both micellar nucleation and homogenous nucleation were operative in 

emulsion polymerization with a concentration of surfactant greater that its critical micelle 

concentration (CMC). Therefore, in this study, it is assumed both nucleation type occur in 

justifying the results as the surfactant concentration is above the CMC.  

Generally, there are some important issues as the polymerization proceeds. At the beginning of 

the polymerization, emulsification and nucleation govern the course of the process. The 

monomer droplets have to be small enough to provide a negligible resistance to monomer 

transport from the monomer droplets to the growing particles. Thus, the actual rate of 

polymerization is mainly due to the intrinsic reaction rates involved and the transport of 

monomer from the monomer droplets to the growing particles (Ohmura et al., 2005). It should be 

noted that insufficient emulsification affects the nucleation stage and hence the course of the 

polymerization rate. The colloidal stability is a key issue during the stage of the particle growth. 

If colloidal stability is not achieved, coagulation or break up will occur, which may result in off-
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spec products and troublesome operation. Rheology, flow, and heat transfer become more 

important in the later stages of emulsion polymerization.  

2.3 Mixing and polymerization 

During polymerization, mixing and heat transfer have significant influence on the colloidal 

stability of latex particles. In emulsion polymerization, mixing, which results in the bulk 

movement of the fluid, plays a vital role in maintaining the homogeneity of the reaction mass. 

The importance of mixing in polymerization has been the subject of a few studies 

(Matyjaszewski and Davis, 2002, Patel el., 2010a and 2010b, Fathi Roudsari et al., 2013). In an 

emulsion polymerization system, mixing can play a significant role in the kinetics of the 

chemical reaction. In the beginning of the emulsion polymerization, reaction is controlled by 

diffusion mechanism; i.e. the monomer is supplied by diffusion to the growing submicron 

polymer particles. In case of very low agitation rates, larger droplets are generated and phase 

separation may occur which will limit diffusion mechanism (Fathi Roudsari et al., 2012). In the 

stirred dispersion, deformation of the droplets occurs as a result of shear force in the turbulent 

flow field. The droplets experience viscous shear stress, pressure variation along their surface, 

and turbulent velocity fluctuation (Fathi Roudsari et al, 2012). Break up occurs if the 

hydrodynamic force exceeds the stabilizing force originating from the interfacial tension and 

drop viscosity (Baldyga and Podgórska, 1998). The deformation and break up is characterized by 

the Weber number, which is proportional to the ratio of the inertia forces to the surface tension 

force. For vinyl acetate emulsion polymerization in a CSTR, the monomer conversion and the 

particle size were increased with an increase in the impeller speed (Ohmura et al., 2005).  A 

vigorous agitation can result in reduced nucleation of particles. Type of impeller has been 

investigated on the emulsion polymerization (Fathi Roudsari et al., 2014a, Ozdeger et al., 1998, 
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Nomura et al., 1972, Kemmere et al., 1998, Hong, 2008). Some researchers (Nomura et al., 

1972) reported an optimum range of stirring speed over which the polymerization rate was not 

affected by the speed. Nevertheless, it was reported (Hong, 2008) that the number of particles 

decreased by using a larger impeller diameter and faster speed. This was attributed to the shear 

stress and its effect on the nucleation mechanism, and the aggregation of the unstable nuclei.  

The increase in conversion by enhancing the mixing speed in the Taylor-Couette polymerization 

reactor was also reported. The mass transfer between the vortices was poor at low rotational 

speed (Liu et al., 2013). Generally, emulsification of the monomers has a critical effect in the 

formation of particles in emulsion polymerization  (Matyjaszewski and Davis, 2002). This is due 

to the fact that insufficient emulsification leads to a broad particle size distribution, which also 

affects the other stages of the emulsion polymerization reaction (Kemmere et al, 1999) and 

ultimately decreases the product quality. For the particles formed in batch polymerization, the 

maximum size of the particles is achieved at the end of the growth stage, where monomer 

droplets cease to exist and polymer particles become continuously richer in polymer as 

polymerization proceeds (Sajjadi, 2007). Basically, the factors that can reduce the colloidal 

stability of latex are broadly divided into physical and chemical types. The destabilization due to 

the physical factors occurs through an increase in the average kinetic energy and the collision 

frequency of the particles, whereas the destabilization due to the chemical factors happens 

through the reduction of the inter-particle potential energy barrier. In particular, the particle 

aggregation by agitation occurs when particles collide with the sufficient transporting force, 

which is caused by the high velocity gradients in the fluid, to surmount the repulsive barriers due 

to the adsorbed surfactant. The prediction of the rate of the inter-particle collisions in the fluid 

was first reported by Von Smoluchowski (Oldshue, 1989) for the orthokinetic flocculation. This 
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type of the flocculation mechanism is based on the generation of the velocity gradients within the 

wastewater to promote the particle interaction. In this case, a mild mechanical agitation promotes 

the rate of shear-induced aggregation. However, any further increase in the agitation speed or 

power does not appreciably enhance the solids distribution in the fluid.  

In spite of the influence of mixing on emulsion polymerization kinetics, it has not been largely 

debated in the open literature. However, in some reported cases, conflicting results were obtained 

by different researchers on the effect of stirring on the rate of polymerization reaction (Nomura  

et al., 2005). It has been reported (Ozdeger et al., 1998) that at low solid content, changing the 

impeller type from the A310 hydrofoil (an axial-flow impeller) to the Rushton turbine (a radial-

flow impeller) did not affect the polymerization rate. However, at high solid content, using the 

A310 hydrofoil resulted in a slower polymerization rate with a more distinct second population 

of particles compared to the runs that the Rushton impeller was employed. Some researchers 

(Nomura et al., 1972) reported an optimum range of stirring speed over which the polymerization 

rate was not affected by the speed. 

A study (Kemmere et al., 1998) on the colloidal stability of polystyrene and polyvinyl acetate 

latex systems showed that a large turbine impeller provided the highest heat transfer coefficient 

rate as compared to a pitched-blade impeller under the same conditions and no dependency of 

the coagulation behavior on process conditions in terms of energy dissipation, reactor scale, 

impeller type, and impeller diameter was observed. According to literature (Hong, 2008), the 

slope of coagulum formation versus impeller speed was higher for the Rushton turbine rather 

than the hydrofoil impeller. It was reported that the hydrofoil impeller, with a lower shear, 

produced a more stable reaction mixture. In another study, researchers (Choi and Lee, 2010) 

investigated the emulsion polymerization of vinyl acetate, ethylene and N-methylol acrylamide 
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using the Rushton and hydrofoil impellers. According to these researchers, the emulsions 

synthesized using the Rushton impeller had a larger particle size than those prepared using the 

hydrofoil impeller due to the higher shear generated with the Rushton turbine. It was shown that 

(Cheng et al., 2012) the axial-flow impellers were more energy efficient for the gas–liquid–liquid 

macro-mixing than the radial-flow impellers.  

2.4 Latex product characteristics  

Some of the important characteristics of the latex products are particle size, molecular weight 

and their relative distributions, chemical composition distribution, and flow properties. The 

choice of the recipe, reactor configuration, and the process conditions strongly determine the 

quality of the latex product. The ability to control the emulsion polymerization process is 

essential to guarantee constant product properties (Congalidis and Richards, 1998). The main 

focus of most researchers in this field for the last few decades has been the incorporation of 

particular reactive agents during the course of polymerization to adjust the polymer properties.   

Latex particle size is an important factor in emulsion polymerization. Some studies (Fontenot 

and Schork, 1993, Yu et al., 1995) indicated that the overall rate of the monomer conversion 

decreased as the particle size got larger for both macro and mini emulsions. The formation of 

larger particle sizes at low conversion was also reported (Parker et al., 1996) for MMA emulsion 

polymerization in a batch reactor with a redox initiator system. It was claimed that the particles 

may have become increasingly swollen by the monomer or by the occurrence of an eventual 

coalescence prior to the sample analysis (Parker et al., 1996). However, in the aforementioned 

studies, little information has been provided regarding the detailed mixing characterization in 

emulsion polymerization. In general, important characteristics of the latex products are particle 

size, molecular weight, and their relative distributions, chemical composition distribution, and of 
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course the fragility properties. The choice of the recipe, reactor configuration, and the process 

conditions strongly determine the quality of the latex product. The ability to control the emulsion 

polymerization process is essential to guarantee constant product properties (Congalidis and 

Richards, 1998). In particular, many other studies focused on polymer chemistry and 

incorporation of chemical additives (Parker et al., 1996, Congalidis and Richards, 1998, Sood, 

2004). 

The particle size distribution in emulsion is a key element in determining the mass and heat 

transfer rates through interfacial areas. Besides, it plays a crucial role in the design and scale-up 

of chemical reactors, mixers and separators (Fathi Roudsari et al., 2012).  In large-scale reactors, 

it is difficult to reproduce uniform mixing similar to that in small reactors, and this is a common 

source of variability in particle nucleation and hence in particle size distribution. The size 

distribution affects the radical distribution, which in turn influences the molecular weight 

distribution and polymer architecture, and consequently latex properties. 

The molecular weight and the molecular weight distribution of emulsion polymer exhibit a 

significant influence on the mechanical and application properties of the polymer (Chern, 2006). 

The molecular weight of polymer in the latex is related to the growth of the polymer radicals 

which depends on the propagation rate constant, the concentration of the monomer in the 

particles, and the average number of the free radicals per particle. 

2.5 Nucleation and growth and emulsion polymerization 

Emulsion polymerization is a rather complex process because nucleation, growth and 

stabilization of polymer particles are controlled by the chemical kinetics mechanisms in 

combination with various colloidal phenomena (Chern, 2006). Although the nucleation period is 

quite short, generation of particle nuclei during the early stage of the polymerization plays a 
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crucial role in determining the final latex particle size, particle size distribution, and the quality 

of latex products. Mixing has a significant effect on the reaction kinetics of the emulsion 

polymerization. In case of very low agitation rates, larger droplets are generated and the phase 

separation may occur which will limit the diffusion of monomer to the growing particles 

(Kemmere et al., 1999). In contrast, vigorous agitation can result in reduced nucleation of 

particles.  Some studies have focused on the modeling of the nucleation and growth phenomena 

for emulsion polymerization systems. Penlidis et al. (1986), Semino and Ray (1995), and Sgard 

et al. (1998) modeled nucleation and growth and showed the conversion results. Bouaswaig et al. 

(2008) used a 2D model to obtain the size distribution of the particles formed during emulsion 

polymerization in a tubular reactor by incorporating the nucleation and growth processes in the 

population balance equation. Vale and McKenna (2005) reviewed modeling of particle size 

distribution in emulsion polymerization, where no significant effect of mixing was given in their 

report. 

2.6 CSTR and polymerization 

Continuous stirred-tank reactors (CSTR) are ubiquitously used for mixing and reaction systems. 

In particular, polymerization in CSTR reactors has been a challenge (Choi, 1986). Furthermore, 

in a polymerization system, the polymer reactor behavior becomes quite complex due to inherent 

non-linearity arising from polymerization kinetics and a rapid increase of viscosity.  

2.6.1 Mixing in CSTR 

Mixing, reactor temperature, inlet monomer, solvent and initiator concentrations are among 

factors that can have profound effects on polymerization rate in a CSTR (Adebekun et al., 1989, 

Choi, 1986, Rudin and Choi, 2012). Thus, mixing in a polymer reactor vessel is obviously not 
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ideal.  In a CSTR, the control of heat is alleviated due to more efficient removal of reaction heat 

with the effluent and these reactors are economically attractive for industrial production with 

relatively infrequent changes in product properties (Rudin and Choi, 2012). Besides, a 

polymerization system in a CSTR is less influenced by the formation of thick polymer layers at 

the walls. However, only detailed simulations of the flow pattern and the kinetics for a given 

reactor with a specific geometry allows identifying the optimal reactor type.  

2.6.2 Effect of reactants flow rate on CSTR 

In addition to the mixing factor, there exist other important operating parameters in continuous 

reactors. The inlet monomer and initiator flow rate can have a profound effect on the 

polymerization rate as discussed elsewhere (Schmidt and Ray, 1981, Maschio and Moutier, 

1989).  

2.7 Effect of solvent and gel effect on solution polymerization 

The effect of solvent has been investigated on solution polymerization. For instance, it has been 

reported that the rate of polymerization depends markedly on the solvent chemical structure  

(Gupta and Mandal, 1990); in contrast, it was noted elsewhere that chemically different solvents 

did not affect rate of polymerization (Beuermann et al, 1995). However, solvent can have a 

strong influence on the termination kinetics, which depends significantly on the conversion by 

the starting solvent fraction as reported (Beuermann et al, 1995).  

Besides, the gel effect plays an important role in affecting of polymerization process at high 

conversions. It is nonlinearly dependent on solvent concentration and the operating temperature 

(Louie et al, 1985). In general, the gel effect phenomenon has been observed to greatly influence 

the average molar mass values and in turn, lead to more complicated reactor behavior. 
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Description of the gel effect can be found in literature according to different theories (Louie et 

al., 1985, Fleury et al., 1992). Indeed, as polymerization proceeds, the reaction medium becomes 

more increasingly viscous, thus impeding the diffusion of growing polymer molecules due to 

growing chain entanglements (Louie et al., 1985, Ghosh et al., 1998, Tulig and Tirrell, 1982). 

Consequently, termination of the growing polymer chains does not occur as frequently as the 

propagation. This results in a net increase in the observed rate of polymerization or the so called 

auto-acceleration that can be related to reaching critical value in the free volume (Schmidt and 

Ray, 1981). For higher conversions, the termination rate reduces exponentially due to diffusion 

of polymer radicals (Schmidt and Ray, 1981, Verros and Achilias,   2009).   Schmidt   and  Ray’s  

kinetic modeling based on the fractional free volume theory (Schmidt and Ray, 1981, Vivaldo-

Lima, 1994) was reported to be applicable over the whole range of conversion (Adebekun et al., 

1989, Maschio and Moutier, 1989, Ghosh et al., 1998, Ponnuswamy and Penlidis, 1988). 

2.8 Methyl methacrylate polymerization 

In case of a highly exothermic reaction, such as methyl methacrylate (MMA) polymerization, 

dead zones and hot spots may appear in some regions of the reactor vessel, thus leading to non-

homogeneous mixing reaction medium and eventually affecting the product quality (Adebekun 

et al. 1989, Choi, 1986). Some researchers have developed kinetic models of MMA solution 

polymerization in stirred tank reactors (Adebekun et al., 1989, Choi, 1986; Schmidt and Ray, 

1981, Terrazas-Moreno et al., 2008).  For instance, Adebekun et al. (1989) investigated the effect 

of the reactor operating conditions on the molar mass distribution of solution MMA 

polymerization, whereas Choi (1986) analyzed the steady-state operation of a solution 

polymerization in a CSTR. Schmidt and Ray (1981) developed a mathematical model along with 

the kinetic parameters for solution polymerization of MMA in a CSTR.  In most studies (Choi, 
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1986; Terrazas-Moreno et al., 2008) perfect mixing was assumed to derive mass and energy 

balance equations of MMA solution polymerization. Kim and Laurence (1998) studied the 

effects of feed and coolant temperature, residence time, and solvent volume fraction in an 

imperfectly mixed MMA polymerization. They considered a small mixing zone within the 

vicinity of the impeller and a large zone for the rest of reactor vessel.  

2.9 Modeling development 

2.9.1 Population balance technique 

Population balance approach is generally employed to model the size distribution of the droplets, 

bubbles or crystals, which evolve and change with the flow due to phenomena such as 

nucleation, growth, coalescence, and breakage. The population balance model is a balance 

equation of species of different sizes and it is similar to the mass, energy and momentum 

balances, to track the changes in the size distribution. Early, Randolph and Larson (1971) 

proposed a solution for the population balance equation in a well-mixed batch system. They used 

the moment transform to convert the population balance equations into ordinary differential 

equations. Later, Hounslow et al. (1988) employed the moment transform to develop a numerical 

technique to model the growth and aggregation of particles in a suspension (calcium oxalate 

monohydrate crystals) and simulated the formation of kidney stones. Their approach 

incorporated the calculation of the rate of change of total particle number and volume. Over the 

last few decades, several methods have been proposed to solve the population balance equation 

in a dispersion: the standard method of moments (SMM) (Randolph and Larson, 1971), the 

Monte Carlo method (Ramkrishna, 2000), the Direct Quadrature Method of Moments 

(DQMOM) (Fox, 2009, Marchisio et al., 2003, Marsall et al., 2011), and the Discrete method 



Chapter 2: Literature Review                                                                                                      16 

(Hounslow et al., 1988, Kumar and Ramkrishna, 1996, Litster et al., 1995, Ramkrishna, 2000). 

Direct Quadrature method of moments is very efficient for single component systems and it is 

currently a well known and successful option to interface the population balance equation 

coupled with fluid dynamics. In a single component system within the scope of population 

balance modeling, only one property of particle is determined by population balance equation 

which can be mass, moisture content, volume, etc. (Qamar and Warnecke, 2007). However, 

extension to a two-component system is not straightforward and needs to be assessed against 

known solutions. Of a particular interest is the discrete method, in which the population balance 

is fully discretized into size intervals and the size distribution that is coupled with fluid dynamics 

is computed. This approach is also particularly useful when the range of particle sizes is known. 

Although, the discrete method is computationally expensive if the required number of intervals is 

large. Coulaloglou and Tavlarides (1977) theoretically investigated droplet breakage and 

coalescence in an emulsion (water in kerosene-dichlorobenzene) under turbulent flow regime in 

an agitated tank. They reported that the droplets coalescence rate was proportional to the droplets 

collision rate and the coalescence efficiency of the deformable drops. Hill and Ng (1995) 

developed a systematic method based on geometric ratios to use discretized population balance 

equations in the simulation of breakage processes in a batch system. Luo and Svendsen (1996) 

developed a theoretical model in order to predict breakup rates in turbulent liquid-liquid and gas–

liquid dispersions. Each particle was assumed to break up into only two smaller particles (binary 

breakage) and the frequency of breakage was considered to be proportional to the energy level of 

the arriving eddies towards the particles. A few theoretical breakage mechanisms were proposed 

by Kostoglou et al. (1997) for dispersion systems using different geometrical ratios for particles; 

however, considerable simplification was made to eliminate the breakage frequency. Patruno et 
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al. (2009) reproduced experimental droplet data with different breakage kernels and compared 

them to those reported by Coulaloglou and Tavlarides (1977), Martínez-Bazán et al. (1999), and 

Sathyagal et al. (1996).  

2.9.2  Computational fluid dynamics 

Nowadays, the advanced computational fluid dynamics (CFD) techniques are utilized to simulate 

the multiphase flow processes. Some researchers have tried to couple the population balance 

equation with transport equations through the CFD modeling of the slurries, emulsions, and gas-

liquid systems; however, few of those models were actually employed to calculate the 

droplet/particle size distribution. For instance, Heath and Koh (2003) coupled CFD with the 

population balance to model the aggregation of solid particles in a slurry system. They used the 

Eulerian approach and k-ε   model   to   simulate   the   turbulent   two-phase flow. To reach 

convergence, the population balance equations were coupled with CFD in the last phase of 

computation. The size distribution of solid particles was not considered and only the variation of 

the mean particle size with time was taken into account. Agterof et al. (2003) employed CFD 

modeling to estimate the droplet size in oil in water emulsion. They calculated only mean drop 

size evolution with time and size distribution was not obtained. They employed the moments of 

droplet size for the population balance. Another drawback was that their simulation was based on 

a sequential approach. Kerdouss et al. (2008) employed discrete method for population balance 

modeling and used Eulerian–Eulerian approach for multiphase flow combined with k-ε  turbulent  

model for a gas-liquid  (air  in  water)  dispersion  in  a  tank  using  MRF  technique.  Luo’s  model  was  

used for breakage and coalescence; however, only the contours of mass transfer coefficient and 

Sauter mean diameter were presented and no results were presented regarding the bubble size 

distribution. Schütz et al. (2009) combined transport equations with turbulence model and 
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population balance and   used   Lehr’s   approach   (Lehr,   2001)   to   model   the   breakage   and  

coalescence for the liquid-liquid (water-diesel) separation in the hydrocyclones. They employed 

mixture model for their multiphase model. CFD coupled with DQMOM population balance was 

employed by Silva and Lage (2011), Silva et al. (2010), and Silva et al. (2008) to model the 

aggregation and breakage process in a 1-D domain. They mainly reported the calculation of the 

computation times in serial and parallel modes (Silva and Lage, 2011), comparison of some 

quadrature-based methods (Silva et al., 2010) and comparison of different CFD packages (Silva 

et al., 2008). However, in all three papers, they provided only some contours and graphs of 

Sauter mean diameter and the size distribution was not calculated. It must be mentioned that their 

simulations were not validated by any experimental data. Also, the population balance equations 

were not solved simultaneously and sequential solution method was utilized in these three 

studies. Besides, they implemented the laminar regime while a turbulent flow is generally 

required for the emulsion systems. Srilatha et al. (2010) considered the droplets breakage and 

coalescence and used the discretized population balance model to estimate the drop size 

distribution for two different emulsion systems (water-in-tri butyl phosphate and water-in- 

xylene) in a stirred tank. The CFD technique was employed to calculate the size distribution in 

different zones of the mixing tank. However, they assumed that the coalescence and breakage 

occurred only between two droplets with equal size in a steady state mode. Besides, they could 

not combine CFD and population balance due to high computational requirements and performed 

their modeling in sequential approach.  Selma et al. (2010) modeled a multiphase flow in a gas-

liquid column and stirred tank reactor using the Eulerian-Eulerian approach with a standard k-ε  

model for turbulence. The problem was solved by coupling the population balance equation with 

CFD utilizing the direct quadrature method of moments (DQMOM) and discrete method and 
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only the Sauter mean diameter was calculated considering the coalescence and breakage 

phenomena. In a very recent paper by Beyraktar et al. (2011), the discrete method was applied 

for solving the population balance equations. However, they employed sequential solution 

methods, i.e. the turbulent flow field was firstly simulated and then the population balance 

equations were solved. In addition, due to the extensive computational time for the calculation of 

the hydrodynamic variables coupled with population balance equations, they recommended 

parallelization of model for future works to reduce the computational costs. Vladisavljevic et al. 

(2011) studied the effect of oil phase viscosity and the frequency of formation of droplets in an 

oil-in-water microchannel emulsification system and obtained drop size distribution in their CFD 

modeling; however, no information was given regarding their CFD simulation. As mentioned 

above, quite a number of studies have focused on the modeling of the droplet breakage and 

coalescence phenomena, which play a significant role in the design of the dispersion processes. 

Nevertheless, the prediction of the particle sizes in an inhomogeneous flow, where the flow 

velocity is changing spatially in magnitude and direction and with time, is not yet well 

recognized. The essence is that the break-up and coalescence processes determine source terms 

in a population balance equation while the velocity vectors obtained from the transport equations 

determine the convective term.  

CFD has provided a new vision in a number of polymerization processes as well. Serra et al. 

(2007) investigated CFD modeling of styrene free radical polymerization in a T-junction micro 

reactor and assumed isothermal conditions in a micro-scale reactor to calculate poly-dispersity 

index, degree of polymerization and conversion. CFD was also estimated to calculate convection 

heat transfer coefficient between particles and polymer fluids in an ethylene polymerization 

fluidized bed reactor (Dehnavi et al. 2008). A study on CFD analysis of polymerization claimed 
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that the gradients of temperature and concentration were only necessary for poorly designed 

agitation systems and perfect mixing was a good assumption (Poubel et al., 2010). However, this 

claim has provoked controversy.  A few researchers incorporated the chemical kinetics into the 

CFD model (Kolhapure and Fox, 1999, Patel et al., 2010a and 2010b), however the population 

balance was not employed to obtain the particle size distribution.Kolhapure and Fox (1999) 

studied small-scale mixing of reactant species inside a tubular low-density polyethylene (LDPE) 

reactor. Their CFD results proved that imperfect mixing reduced monomer conversion and 

increased the poly-dispersity index. Patel et al. (2010a and 2010b) investigated the CFD 

modeling of styrene bulk polymerization in a CSTR and studied the effects of the impeller speed, 

the input-output stream locations, and residence time on the polymerization conversion.  On the 

other hand, some researchers (Maggioris et al., 2000) considered the population balance in their 

CFD modeling, however they did not incorporate the chemical reaction kinetics into the CFD 

model. Maggioris et al. (2000) reported reduction in polymer drop size in suspension 

polymerization when the stirring rate was increased in their CFD simulations. Vivaldo-Lima et 

al. (1998) calculated the particle size distribution using the population balance technique and a 

compartment-mixing model in a mixing tank. They included the beak-up and coalescence (but no 

kinetics) for suspension polymerization and used CFD to estimate the turbulence dissipation rate. 

Alexopoulos et al. (2002) employed a two-bladed pitched turbine for a suspension 

polymerization system at turbulent regime in a 2D domain and studied the effect of the turbulent 

kinetic energy and dissipation rate on the evolution of the droplet size using the k-ε turbulence 

model. However, the polymerization kinetics was not employed in their model.  

In a study conducted by Pohn et al. (2013), a CFD model was coupled to a multi-zonal 

population balance to scale up a semi-batch styrene emulsion polymerization reactor. The effect 
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of mixing was investigated on the latex particle size distribution. Some researchers (Pohn et al., 

2010, Pohn et al., 2011) employed a pitched bladed turbine in a general latex system.  They 

considered sequential manner for solving equations and employed a laminar regime in a 3D 

domain. However, their model was not validated and the reaction kinetics was not considered.  

Elgebrandt et al. (2005) studied the effect of viscosity on the conversion in a semi-batch reactor 

using a pitched blade impeller in a 2D domain. However, the employed shear rate in their model 

was lower than their experiments and the model was not validated. Besides, the kinetics was not 

incorporated into their model. They showed the coagulation rate coefficient for two agitation 

rates under turbulent regime. In another study, Elgebrandt et al. (2006) coupled a kinetic model 

with multi compartment zone 2D CFD model and solved equations in a sequential method. Do 

Amaral et al. (2004) modeled the mini emulsion polymerization and used CFD to show flow 

patterns as input for modeling the droplet size distribution, but the reaction kinetics was not 

considered. 

2.9.3 Sequential or simultaneous solution 

 One of the important computational issues is the solution method of the transport equations 

coupled with the turbulence and population balance equations, which can be sequential or 

simultaneous solution. In sequential technique, first the velocity flow field and the turbulence 

model parameters are calculated and then population balance equations are solved. On the other 

hand, in simultaneous solution approach, all the equations are solved from the beginning of the 

simulation at the same time. The accuracy of the obtained results is definitely influenced by 

solution method (Fathi Roudsari et al., 2012). 
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2.9.4 Parallelization 

Another significant issue is using parallelization in computation. In order to calculate the particle 

size distribution, rather than obtaining only mean size diameter, parallelization in computation is 

recommended in literature to reduce extensive computational time and cost (Fathi Roudsari et 

al., 2012 and 2013, Patel et al. 2010a and 2010b). 

2.10  Scale up 

The impact of stirring becomes more pronounced as the reactor size increases and the creation of 

the effective mixing throughout the reactor becomes a hard task.  Therefore, an appropriate 

criterion should be considered for the scale-up of the mixing system (Oldshue, 1989). Different 

scale-up criteria such as constant power/volume and constant tip velocity have been proposed in 

the literature while the geometric similarity exists between the small-scale and large-scale 

mechanically agitated reactors (Okufi et al., 1990; and El-Hamouz et al. 2009).  However, these 

scale-up criteria are not compatible with each other. For instance, at constant power/volume, the 

agitation speed and shear rate are altered considerably (Afshar Ghotil et al., 2013; Holland and 

Bragg, 1995; and Paul et al., 2004). For liquid-liquid dispersions, Baldyga et al. (2001)  showed 

that the scale-up resulted in an increase in Reynolds number, larger turbulent fluctuations, and 

smaller drops. Some researchers believed that the scale-up criterion based on the same mixing 

time is not reliable and proposed two dimensionless groups as a function of the Reynolds number 

for a variety of impeller-vessel configurations (Nere et al., 2003).  

Besides, a few studies regarding the scale up of continuous reactors have been reported. For 

instance,  Campolo  et  al.   (2002)  used  Nagata’s  correlation   (Nagata,  1975)  for   the  scale  up  of  a  

CSTR from a lab scale to an industrial scale and verified the scale up of the two reactors by 

comparing the power number, discharge flow number, and pumping efficiency. In another study, 
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the reaction time, heat removal capacity, and the degree of homogeneity were kept constant for 

the solution and bulk polymerization. Therefore, need of high micro-mixing efficiency and heat 

transfer on one hand and the scale-up possibilities on the other hand should be considered 

(Meyer, 2003). In one study it was suggested that two different types of mixers have to be 

employed to fulfill the above-mentioned requirements (Meyer, 2003). Furthermore, some 

correlations are available for a CSTR scale up using the geometric ratio, Froude number, and 

pumping capacity (Fogler, 2006). In addition, according to Fogler (2006), the information 

regarding the rate of reaction as a function of conversion may be sufficient to scale up a lab-scale 

reactor to an industrial-scale reactor. However, there is very little knowledge about the rate of 

reaction as a function of conversion (Fogler, 2006). For the emulsion polymerization scale-up, 

the goal is to produce commercial scale latexes of the same quality as those developed in the 

laboratory. Because of geometric considerations, the larger the volume of the reactor, the smaller 

is its heat transfer area/volume ratio. Therefore, larger reactors require longer process times to 

carry out the process under good thermal control. Although agitation may improve the heat 

transfer, the range of the mixing intensity is limited because a vigorous agitation may cause shear 

induced coagulation. In large-scale reactors, it is difficult to reproduce uniform mixing similar to 

that in small reactors, and this is a common source of variability in particle nucleation and hence 

in particle size distribution. The size distribution affects the radical distribution, which in turn 

influences the molecular weight distribution and polymer architecture, and consequently latex 

properties. Besides, most researches are performed using jacket cooling on a lab-scale reactor. 

However, for large reactors, jacket cooling is not always sufficient to obtain reasonably short 

batch times and supplemental heat removal through external heat exchangers, internal cooling 

coils, and baffles must be used (Asua, 2007). 
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2.11  Research objective 

The thorough literature review conducted revealed that little effort has been devoted to the 

impact of mixing on emulsion polymerization systems. Thus, the main objective of this study is 

to investigate the impact of the most important mixing parameters (e.g. impeller speed, impeller 

type, impeller number, and baffles) on the monomer conversion, polymer molecular weight, 

particle size and size distributions, transition glass temperature, and number of particles.  To 

achieve this objective, an experimental setup was designed to conduct emulsion polymerization, 

collect experimental data, and measure the latex characteristics. To visualize the complex 

reactive flow inside the polymerization reactor, a novel CFD model was developed based on the 

population balance and reaction kinetics by incorporating the nucleation and growth phenomena 

while taking into account the velocity gradients generated by the impeller rotation inside the 

emulsion polymerization reactor.  
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  Chapter 3 

3 EXPERIMENTAL SET UP AND PROCEDURE 

This chapter is divided in a few sections including experimental set-up, procedure, measurement 

methods, experimental design and error analysis. 

3.1 Experimental set-up 

The experimental set-up used in this study consisted of a reactor vessel, the impellers (pitched 

blade and Rushton), baffles, U shaped cooling coil, heating jacket and a circulator. 

Figure 3.1-1 shows the schematic diagram of the experimental set up which is comprised of a 2L 

PARR reactor vessel (series 4530) connected to a temperature controller heating/cooling bath 

and also temperature control unit (series 4848). The controller can be auto-tuned for the desired 

set point temperatures. The reactor is a flat bottomed cylindrical tank with a diameter of 10.16 

cm and a height of 26.67 cm with a total capacity of two litres. Four equally spaced baffles with 

the height of 0.19 m and width of T/10 were mounted in the reactor as well. The baffles were 

attached to reactor wall as the internal space was limited.   
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Figure 3.1-1 Schematic diagram of the experimental set up. 

 

The reactor vessel was equipped with one or two impellers of the following types: 45º pitched-

blade turbine with a diameter of 5.0 cm, or Rushton impeller with a diameter of 5.0 cm. The off-

bottom clearance was 1.3 cm and in case of using two impellers, the inner distance was 8.0 cm 

between the two impellers. The pitched-blade turbine is an axial-flow impeller, which generates 
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flow along the impeller axis. The axial-flow impellers are designed to generate high bulk flow 

with low turbulence. The Rushton impeller is a radial-flow impeller, which discharges flow 

along the impeller radius. The radial-flow impellers are designed to produce high shear and 

turbulence within the mixing vessels (Paul et al., 2004). Thus, in this study, we selected these 

two types of impellers to explore the effect of flow type and pattern on the emulsion 

polymerization. 

A U-shaped cooling coil connected to the circulator bath, a thermocouple jacket, and inlet and 

outlet pipes for sampling and gas purging were attached to the reactor. The power of motor is ¼ 

hp. A cooling bath (Cole-Parmer Polystat H28L) was connected to the cooling coil. 

3.2 Experimental procedure 

The experimental procedure involves the reaction reagents and the reaction mixture preparation. 

3.2.1 Reaction reagents 

The following reagents were used in the polymerization reaction:  methyl methacrylate (MMA) 

with purity of 99% as the monomer, sodium dodecyl sulphate (SDS) with purity over 99% as the 

surfactant, deionized (DI) water, potassium persulphate (KPS) as the initiator, and  hydroquinone 

with 99% purity as the inhibitor. All reagents were supplied by Sigma Aldrich Canada and used 

as received. Emulsions were prepared according to the following recipe: 700 g water, 250 g 

methyl methacrylate, and 8.64 g of sodium dodecyl sulphate (SDS). The amount of potassium 

persulphate (KPS) was 0.5455g or 2.9×10-3 mol/L water that is typical for an emulsion 

polymerization system (Guo et al., 1997; Penlidis, 1986).  The volumetric ratio of monomer to 

water was 4/10.  
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3.2.2  Mixture preparation 

The desired amount of SDS was dissolved in 80 g of water while stirred with a magnetic stirrer 

bar. Amount of 600 g of water and the SDS aqueous solution were added to the reactor. 250 g of 

MMA were then poured into the reactor. The reactor temperature was set to  50˚C  or  60˚C  and  

was sealed and purged with nitrogen gas for 20 min.  

The venting valve was opened and closed several times in order to remove the air completely 

from the reactor. The impeller speed was varied from 20 to 350 ± 2rpm. The potassium 

persulphate (i.e. initiator) was then dissolved in 20 g of water and injected into the reactor with a 

syringe  at  45˚C  for  the  reactor  set  point  of  50˚C  and  at  55˚C  for  the  cases  when  reactor  set  point  

was  60˚C.   

Samples (20 mL) were at first taken 5 min after adding the initiator. The sampling procedure 

continued at an interval time of 10-15 min for a total reaction time of 130 min. Each sample was 

poured into a vial and 2 drops of 1% hydroquinone solution were immediately added to stop the 

reaction. The vials were placed in tray of ice for 10 to 15 minutes and then put in the refrigerator.  

3.3 Measurement methods 

3.3.1 Determination of conversion 

In the present study, off-line gravimetry was employed to determine the latex sample conversion 

levels. An aliquot of each sample in the vials (1-2 ml) was transferred into a dry and clean 

aluminum cup and was weighed. The content of the cup was then dried in a vacuum oven (24 

hours at 40°C) and the cup with the dry residue was weighed again. The weight fraction of solids 

is then given by (Penlidis, 1986): 
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𝑤.𝑓. 𝑠𝑜𝑙𝑖𝑑𝑠 =
(𝑤𝑒𝑖𝑔ℎ𝑡 𝑜𝑓 𝑐𝑢𝑝 + 𝑑𝑟𝑦 𝑟𝑒𝑠𝑖𝑑𝑢𝑒) − (𝑤𝑒𝑖𝑔ℎ𝑡 𝑜𝑓 𝑐𝑢𝑝)
(𝑤𝑒𝑖𝑔ℎ𝑡 𝑜𝑓 𝑐𝑢𝑝 + 𝑤𝑒𝑡 𝑠𝑎𝑚𝑝𝑙𝑒) − (𝑤𝑒𝑖𝑔ℎ𝑡 𝑜𝑓 𝑐𝑢𝑝)  

 

(3.3-1) 

 

 

The weight fraction of initiator and emulsifier is known from the employed experimental recipe.  

Therefore, the conversion is (Penlidis, 1986): 

𝑥(𝑡) =
(𝑤.𝑓. 𝑠𝑜𝑙𝑖𝑑𝑠 − 𝑤.𝑓. 𝑖𝑛𝑖𝑡𝑖𝑎𝑡𝑜𝑟 − 𝑤.𝑓.𝑚𝑢𝑙𝑠𝑖𝑓𝑖𝑒𝑟)

𝑤.𝑓.𝑚𝑜𝑛𝑜𝑚𝑒𝑟  

 

(3.3-2) 

 

3.3.2 Particle size determination 

The particle size and particle size distribution can significantly impact the quality and 

applications of the latex product. Both variables were determined by light scattering method 

using Microtrac Particle Analyzer (Model S3000/S3500).  

The advanced S3500 Tri-Laser uses a detector system located at a precise distance from the point 

where the particles interact with the light. The detectors also respond to the intensity of light 

reaching them, which is related to the amount present of a particular particle size. 

3.3.3 Molar mass measurements 

The measurements of the polymer molecular weights were performed using gel permeation 

chromatography (GPC) (Viscotek, Model 302-040) equipped with a triple detector array. 

Tetrahydrofuran (THF) was used as the mobile phase at a nominal rate of 1.0 mL/min. The 

filtered dry polymers were dissolved in THF (1-5 mg polymer/mL THF) and the molecular 

weight averages were obtained using universal calibration of PMMA standards.  
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3.3.4 Glass transition temperature determination 

Differential Scanning Calorimeter (DSC) (Model Q2000 V24.10 Build 122) was utilized to 

measure the glass temperature of polymer samples under nitrogen atmosphere (50.0 mL/min). 

The scan rate was 10°C /min over the temperature range 40-190°C. The Tg values for the dried 

polymer samples were determined from the second scan of the DSC curve. 

3.3.5 Scanning electron microscopy (SEM) micrographs 

In order to illustrate the size and size distribution of PMMA latex particles, the scanning of 

electron microscopy (SEM) images was performed by Hitachi S-2150. The latex dispersion was 

diluted and dropwise deposited onto a glass surface. Once dried the sample was sputter coated 

with a thin Pt/Pd film. 
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3.4 Experimental design  

Minitab-16 was employed for statistical design of experiments and data analysis. After the 

preliminary tests, the selected ranges for the impeller speed, impeller type, number of impellers, 

baffles and temperature are given in Table 3.4-1. The experimental designs are illustrated in 

Table 3.4-2 and Table 3.4-3. The reaction temperature of 60˚C has been employed by some 

researchers (Tanrisever et al., 1996; Ming et al., 1998).  Furthermore, we selected a lower 

temperature (i.e. 50˚C) to examine the mixing effects at this condition. The conversion normally 

increases at the higher temperature as it has already been reported in the literature (Bao et al., 

2004). In contrast, at a lower reaction temperature the particle size distribution is more uniform. 

In our experiments, we intended to investigate whether improving the mixing condition can 

enhance the polymer characteristics at lower temperatures (i.e. 50˚C).  The design of experiment 

consisted of 16 runs for the first part and 12 runs for the second part. Recipe was constant for all 

experiments listed in Table 3.4-2 and Table 3.4-3. Some of the runs were repeated three times. 

The experiments were replicated three times for the Rushton impeller at the rotational speeds of 

100, 250 and 350 rpm, and for the pitched impeller at the rotational speed of 250 rpm. Since the 

conversion profiles had the same trend for the replicated experiments, we concluded that 

repeating all the tests was not necessary since the chemical recipe and the temperature were the 

same for all the experiments. 
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Table 3.4-1 Experimental ranges and level of factors. 

 

 

 

 

 

 

 

 

 

 

 

 

  

Factor Levels Values 

Speed 3 100, 250, 350 

Impeller Type 2 Rushton, Pitched blade 

Number of Impellers 2 1, 2 

Baffles 2 Yes, No 

Temperature 2 50 ͦ C, 60 ͦ C 
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Table 3.4-2 Experimental design 1 of the experiments.  

 

 

 

                                                 
1 Experiments 7, 11, 12, 14 and 16 were repeated 3 times. 

No1 Reaction Temperature ( ͦC) Impeller Speed (rpm) Baffles 

1 50 20 Yes 

2 50 20 No 

3 50 250 Yes 

4 50 250 No 

5 50 100 Yes 

6 50 100 No 

7 50 350 Yes 

8 50 350 No 

9 60 20 Yes 

10 60 20 No 

11 60 250 Yes 

12 60 250 No 

13 60 100 Yes 

14 60 100 No 

15 60 350 Yes 

16 60 350 No 
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Table 3.4-3 Experimental design 2 of the experiments 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

                                                 
1 Experiments 1, 2, 4,   and 11 were repeated 3 times. 

 

No1 Impeller type Impeller speed (rpm) Number of impellers 

1 Rushton 250 Single 

2 Pitched 250 Single 

3 Pitched 100 Double 

4 Rushton 100 Single 

5 Pitched 100 Single 

6 Pitched 350 Single 

7 Pitched 250 Double 

8 Rushton 100 Double 

9 Pitched 350 Double 

10 Rushton 350 Double 

11 Rushton 350 Single 

12 Rushton 250 Double 
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3.5 Error analysis 

The error regarding the conversion measurement can be defined using the standard deviation 

(SD). The error bars are shown in conversion profiles as described in Chapter 5, Figure 5.1-1 and 

Figure 5.2-1. Error bar (X, Y , E) function plots mean value Y  versus X with symmetric error 

bars 2×E long.  E 1 is the standard deviation of measurements. 

 

                                                 

1 2

1

)(1 YY
N

E
N

i
i � ¦

 
 where N is the number of measurements, and Y is the variable and Y is 

the mean value of the measurements. 
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  Chapter 4 

4 CFD MODEL DEVELOPMENT 

This chapter is divided into three sections. The CFD modeling of MMA emulsion polymerization 

is provided in the first section. In this part of this chapter, the transport equations are coupled 

with the reaction kinetics through the population balance with incorporation of user defined 

functions of nucleation and growth rates for a batch reactor in an unsteady state mode. Since the 

techniques employed for the CFD modeling of the emulsion polymerization is complex, two 

preliminary CFD modeling have been performed which are discussed in the second and third 

section of this chapter. The second section is devoted to the CFD modeling of a simple water and 

oil emulsion agitated in a mixing tank. The focus of this part was to incorporate the population 

balance equation into the CFD model developed for the mixing of two immiscible liquids. The 

third section is dedicated to the development of a CFD model for MMA polymerization in a 

CSTR. In this part, the reaction kinetics were incorporated into the CFD model through user 

defined functions.  
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4.1 Modeling of the emulsion polymerization system 

4.1.1 Reactor system 

The reactor system has been fully described in Chapter 3 and the schematic diagram is shown is 

Figure 3.1-1. 

4.1.2 Mathematical model 

ANSYS Design Modeler 14.5 was utilized to discretize the 3D computational domain via 

unstructured tetrahedral cells (Figure 4.3-1). To capture the flow details near the flow domain 

boundaries, a size function was employed to generate very refined mesh in the vicinity of the 

rotating impeller and the reactor walls. To test for grid independence, the mesh was fine-tuned 

based on the velocity, turbulence, and polymer volume fraction profiles computed near the 

impeller, where is the region of large velocity gradients. Grid independence was achieved when 

the additional cells did not change the calculated velocity, turbulence, and polymer volume 

fraction near the impeller blades by more than 5%. The final three-dimensional model had  

approximately 320,000 cells. Several researchers have used MRF (multiple reference frames) 

method for the similar mixing geometry and achieved good results (Fathi Roudsari et al., 2012,  

Patel et al. 2010a and 2010b, Kerdouss et al., 2008). In this study, we employed MRF technique 

to capture the motion of the rotating impeller in a stationary tank. The transport equations inside 

and outside of the rotating frame were solved separately, and as the numerical solution 

proceeded a transfer of information was considered at the interface. 
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Figure 4.1-1 Geometry grid. 
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The fluid height was 0.119 m. The reactor was equipped with a pitched-blade turbine or a 

Rushton impeller with a diameter of 5.00 cm and  four  baffles  spaced  at  90˚  intervals  against  the  

wall. The impeller diameter and off-bottom clearance from the tank were 0.050 m and 0.013 m, 

respectively. The impeller speed was varied from 20 - 350 rpm. For the CFD modeling, the 

multiphase flow was considered inside the reactor vessel in which the first phase had two 

species, i.e. methyl methacrylate monomer and water, while the secondary phase consisted of 

polymer methyl methacrlyate particles. Mixture model approach was used as a multiphase model 

and a set of continuity and momentum equations was considered for each phase and species. 

Since the Reynolds number was in the range of 300-5000 when the impeller speed was varied 

from 20 to 350 rpm, the turbulent flow was assumed in the simulations. 

Assuming a turbulent and transient condition, the governing transport equations are presented 

here (Versteeg and Malalasekera, 2007). 

The general continuity equation for the mixture is (Ranade, 2002): 
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where mixv&  is the mixture velocity and ρmixis the mixture density, αq is the phase volume fraction, 

and  is the velocity of phase q. pqm�  and qpm�  are mass transfer from phase p to phase q ( 

shows mass transfer from phase q to p) and   qS   denotes the source mass generated in phase q. 

In our CFD modeling, the continuity equation for the second phase can be written as follows 

(Ranade, 2002): 

 mv
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The m� is defined as the mass transfer from the primary phase to the secondary phase. 

The general momentum equation for phase q is expressed as (Ranade, 2002): 
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Here g&  is the acceleration due to gravity,  P is the pressure, qF
&

 is the external force,  qliftF ,

&
is a lift 

force, qvmF ,

&
 is a virtual mass force.  

pqv&  is the interphase velocity if  the phase p mass is being 

transferred to phase q.  Likewise,  
qpv&  is used if the phase q mass is being transferred to phase p.  

pqK  is the interphase momentum exchange coefficient.  mixP  is the  viscosity of the mixture and 

qdrv ,
& is the drift velocity for secondary phase q: 
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mixqqdr vvv &&&
� ,  (4.1-4) 

The lift force is insignificant compared to the drag force in emulsions since the particle diameters 

are much smaller than the inter-phase spacing and therefore this term can be neglected (Drew 

and Lahey, 1993). The virtual mass effect is significant when the secondary phase density is 

much smaller than the primary phase density. In this study, the density of the secondary phase 

(i.e. polymer) was larger than the density of primary phase (i.e. water and monomer mixture) and 

therefore, the virtual mass force was not included (Drew and Lahey, 1993). In our CFD modeling 

the momentum equation for the mixture is expressed as follows (Ranade, 2002): 
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The inter-phase momentum exchange coefficient (Ranade, 2002) is defined as:  

  (4.1-6) 

in which  
qW  , the particulate relaxation time, is as follows: 

 
 

(4.1-7) 

 where Dq is the diameter particle in phase q.  Equation (8) was used to calculate the particulate 

relaxation time. The drag function (l) was calculated according to Schiller and Naumann model 

(Ishii and Zuber, 1979; Schiller and Naumann, 1933). The drag expression proposed by Schiller 

and Naumann (Ishii and Zuber, 1979) can be employed for the solid spherical particles or for the 

fluid particles that are sufficiently small and may be considered spherical such as our case in this 
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study. For non-spherical particles, the user should supply the drag curve from experiment 

(Ranade, 2002; Schiller and Naumann, 1933).  Furthermore, according to Loth (2008), empirical 

Schiller-Naumann expression is appropriate as long as the particle deformation is negligible. A 

few researchers have employed this drag expression and achieved good results (Schütz et al., 

2009; Silva et al., 2008; Yarin and Hetsroni, 1994).  Therefore, in this study, the drag function (l) 

is calculated according to Schiller and Naumann model (Ishii and Zuber, 1979; Schiller and 

Naumann, 1933): 

 

 

  (4.1-8) 

where 
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Re is the relative Reynolds number and is defined for continuous phase q and the dispersed phase 

p as follows: 

  (4.1-10) 

in which
pP is the viscosity of the continuous phase. 

The species continuity equation for the multiphase mixture can be represented as follow 

(Ranade, 2002): 
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Wqi , Rqi , Jqi are the local mass fraction of each species for phase q, the rate of production of 

species i by chemical reaction for phase q and  the mass diffusion in the turbulent flow 

respectively.  qiS  is the rate of mass production by user-defined sources. 

The species continuity equation for the multiphase mixture can be represented as follow 

(Ranade, 2002): 
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Wqi , Rqi , Jqi are the local mass fraction of each species for phase q, the rate of production of 

species i by chemical reaction for phase q and  the diffusive flux in the turbulent flow 

respectively.  Sqi is the rate of mass production by user-defined sources. 

In our CFD modeling, the species continuity equation for the second phase can be written as 

follows: 
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 As previously mentioned, m� is defined as the mass transfer from the primary phase to the 

secondary phase by population balance mechanism. 

The diffusive flux in the turbulent flow is computed by: 
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DIFi  is the mass diffusivity for specie i which was 1.9×10-9 m2/s for methyl methacrylate 

monomer in water (Kemmere and Meyer, 2005). Sct is the turbulent Schmidt number
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where  μturb is the turbulent viscosity and DIFturb is the turbulent diffusivity. The turbulent 

viscosity and diffusivity equations will be shortly defined in this section. The default Sct number 

is 0.7 as an empirical constant and is relatively insensitive to the molecular fluid properties. 

Hence, there was no need to alter the default value (Tominagaa and  Stathopoulosb, 2007). 

The k-ε model is a robust and validated turbulence model that has been used extensively in 

industrial engineering confined flows where the shear stresses are more important (Ranade, 

2002). The drawback is that it does not perform well in unconfined flows such as external 

aerodynamics applications. Reynolds stress model (RSM) (Raikar et al., 2009) includes several 

parameters such as stabilization of turbulence and can be employed for non-circular ducts and 

curved flows, on the other hand, RSM often demands a significant increase in computing time 

due to the additional equations and reduced convergence, and it has not been validated widely. In 

this study, the standard k-ε model was used to model the turbulent flow within the emulsion cell 

and a good model agreement was achieved with the experimental data. The k-ε model has 

already been utilized elsewhere (Raikar et al., 2009; Wang et al., 2005, Zucca et al., 2006). The 

turbulence kinetic energy, kturb, and its rate of dissipation,
turbH , are described as follows 

(Launder and Spalding, 1974; Hoffmann and Chiang, 2000): 
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where v&c is fluctuation term for velocity (Bird et al., 2007) and the turbulent viscosity and 

diffusivity are calculated as follows: 

  (4.1-17) 

 

 

 (4.1-18) 

 

where
PC  = 0.09  and  

kV = 1.0 (Ranade, 2002). 

Finally, the values for kturb and εturb in CFD model were calculated from the following transport 

equations: 
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In these equations, Gb is the generation of turbulence kinetic energy due to buoyancy. Gk 

represents the generation of turbulence kinetic energy due to the mean velocity gradients: 

  (4.1-21) 

and the model constants had the following default values (Ranade, 2002): 

H1C  = 1.44,
H2C = 1.92 and 

HV = 1.3 
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which are derived experimentally for turbulent shear flows and decaying isotropic turbulence 

(Blazek, 2005). H3C is 
x

z

v
v
&

&
tanh  where zv&  is the component of the flow velocity parallel to the 

gravitational vector and xv&  is the component of the flow velocity perpendicular to the 

gravitational vector (Henkes et al., 1991). 

The population balance equation was coupled with turbulent and multiphase flow equations to 

obtain the nucleation and growth rate of particles in the secondary phase. The population balance 

equation is written in terms of a set of discrete size classes or bins and the particles are 

discretized into L sizes (Kerdouss et al., 2008; Hagesaether et al., 2002; Chen et al., 2005): 

 

 
 (4.1-22) 

 

The volume fraction of polymer particle size k is defined as 

Considering Vk the particle volume and ),( tVnc  the number of particle in bin size k per unit 

volume of reactor, then kN c is the total number of particles per unit volume of reactor as follows: 

  (4.1-24) 

The term NVs c�0U in the population balance equation, only appears in the case of the smallest 

(k=0) particle size V0.  ρs is the secondary phase density, i.e. polymer density. 
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The total volume fraction of the secondary phase is defined as αs and αk  is the volume fraction of 

polymer particles in the secondary phase with radius of rk: 

  (4.1-25) 

The growth rate Gv based on particle volume is discretized as follows (Hounslow et al., 1988): 

 
 

 

(4.1-26) 

The mass transfer m�  from the primary phase to the secondary phase due to nucleation and 

growth rate is calculated by (Hosseini et al., 2012): 

  (4.1-27) 

The nucleation and growth rates were written in C code and linked to the CFD model as the user 

defined functions (UDF) as shown in Appendix A.1. 
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4.1.3 Reaction kinetics 

When a surfactant (emulsifier) is dissolved in water, several physical properties of the solution 

such as surface tension change. Beyond a particular level of concentration, there is a sudden 

change in the slope of solution properties. This concentration is called the critical micelle 

concentration (CMC) (Kumar and Gupta, 2003). Beyond the CMC, the surfactant molecules stay 

primarily in micellar form. The surfactant molecules aggregate and form micelles. The initiator 

decomposes to give a hydrophilic radical and start polymerization inside the monomer swollen 

micelles. Emulsion polymerization in batch generally comprises three stages. First stage, in 

which free radicals generated in the aqueous phase enter micelles and form polymer particles, 

second stage, where particles grow as they absorb monomer from monomer droplets, until their 

depletion, and third stage, where polymerization continues within the particles until the monomer 

is consumed. A three stage process also occurs in semibatch emulsion polymerization reactions: 

a batch period in which a small fraction of the total monomer amount is polymerized; an addition 

period   in   which   the   rest   of   the   monomer   is   flowed   into   the   reactor   (“growth   stage”);;   a   post  

addition period to allow for polymerization of residual monomer. After the first stage, particle 

nucleation may be complete or, in some conditions, nucleation can continue during the feeding 

period (Sajjadi and  Brooks, 1999).  

Basic reactions of emulsion polymerization and the reaction rates (Harada et al., 1972; Rawling a 

nd Ray, 1988) are presented as follows: 

Initiator decomposition x�o� in
k

in RI d 2  ][2 indin Ifkr   (i) 

Formation of particles xx �o�� NmR k
sin

1  ]][[1
x
ins Rmk  (ii) 
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In the  initial decomposition reaction, inI , x
inR , inr , dk and f  present initiator 

concentration, initiator radical concentration in the water, generation rate of initiator radical, 

decomposition rate constant of initiator, and initiator efficiency, respectively. 

In the formation of particles and termination reactions, sm , 1k , 2k and N and xN denote 

emulsifier micelle concentration, rate constant of formation of polymer particle, rate constant for 

initiation and termination of particles, number of dead polymer particles and number of active 

polymer particles, respectively.   

In the propagation in particle and transfer to monomer reactions, jPx , propk  and M  represent 

active polymer containing j units, propagation rate constant and monomer concentration in 

polymer particle, respectively. The reaction rate constants have been listed in Table 4.1-1. 

According to Harada et al. (1972) the following equation can be written for the kinetic reactions: 

 ][]][[ 21
xx

x

�� inTinsin
in INkRmkr

dt
dR

 (4.1-28) 

Initiation of particles xx �o�� NRN k
in

2  ]][[2
x
inRNk  (iii) 

Propagation in particle 1�
xx ��o�� j

k
j RMR prop  ][][ xNMkprop  (vi) 

Termination NRN k�o�� xx 2  ]][[2
xx RNk  (iv) 
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The rin is assumed to be constant since the half-life of the decomposition of potassium 

persulphate is sufficiently long compared to the reaction time. NT is the total number of particles. 

Applying the steady state method: 

Table 4.1-1 Values of kinetic parameters for the emulsion polymerization chemical reaction rate 

constants. 

 

 

 0 
x

dt
dRin  (4.1-29) 

 
)][/( 21 Tsiin NkmkrR � x  (4.1-30) 

The nucleation rate of polymer particle is: 

Parameter Value Reference 

kd 1.8 × 1017exp(-34100/(RgT))  s-1 Rawlings and Ray 

f 0.5 Rawlings and Ray 

kprop 4.92×105exp(-4353/(RgT)) L mol-1 s-1 Rawlings and Ray 

k2 9.8 × 107exp(-701/(RgT))  L mol-1 s-1 Rawlings and Ray 

as 35×10-16cm2 Harada et al., 1972 

12 / kNk aggr H

 1.28 ×105 Harada et al., 1972 

n  0.5 Harada et al., 1972 
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]][[1

x  Rmk
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dNN s
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(4.1-31) 

Substituting equation (4.1-33) into equation (4.1-34) yields: 
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(4.1-32) 

where S is concentration of emulsifier and ε  is: 

 
12 / kNk aggr H  (4.1-33) 

And 
aggrN is the aggregation number of a micelle. The emulsifier concentration effective for 

micelle formation was S and was calculated as follows (Harada et al., 1972): 
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where X, M0,     φc, as   and  ρp are  monomer conversion, initial monomer concentration, critical 

monomer mass fraction in polymer particle, surface area occupied by an emulsifier molecule and 

density of polymer particles, respectively.  

 
CMCin SSS � 0  (4.1-36) 

where Sin and SCMC are the concentration of emulsifier charged initially and critical micelle 

concentration of the emulsifier, respectively. The value of the critical micelle concentration was 

obtained from literature (Penlidis, 1986) as 4.7× 10 18 molecules per cm3 water and Sin and S0 in 
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Equation (4.1-38) were calculated as 2.57× 1019 and 2.1 ×10 19 molecules per cm3 water, 

respectively.  

Harada et al. (1972) considered two limiting cases which can describe analytically the 

characteristic features of emulsion polymerization, especially nucleation of polymer particles. 

One case is where the initiation radicals generated in the aqueous phase enter into the micelles 

rather than into the polymer particles. In this case:  

Case 1 : 1/ ��SNTH   trNN iT   x  (4.1-37) 

Case 2 is the opposite of case 1, i.e. 

Case 2 : 1/ !!SNTH   
2

TNNN   x  (4.1-38) 

Our experimental data was in agreement with the case 2 (NT =2 rit). 

The mass fraction of monomer in the polymer particles, φ is nearly constant in the range below 

critical value and the variation of φ with conversion X is expressed by the following equation 

(Harada et al., 1972): 

 X� 1I  (4.1-39) 

The number of polymer particles and the total volume of polymer particles remain almost 

constant above the critical value of φ. The critical value of φ  was considered to be 0.57 (X =1-φ  

= 0.43) (Harada et al., 1972). 

It should be noted that the final nucleation rate linked to the population balance has the unit of 

particles formed per total volume per second (particles/m3.s): 

 TT NN �� 51029.7 u c  (4.1-40) 
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In our CFD model, we utilized monomer mass fraction and the mixture density in the primary 

phase to calculate the monomer concentration as follows: 

 

 
Cmt=  Wm×    ρmixture     (4.1-41) 

 

reactor
s

mtm VCCV u
�

 
U

0

 

3/1)4/3( Su Vr  

 (4.1-42) 

 

where ρs and V are the secondary phase (polymer) density and reactor volume, respectively. The 

conversion is defined by: 
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  (4.1-43) 

The growth rate of the polymer particle based on particle radius is defined as (Hosseini et al., 

2012; Rawlings and Ray, 1988): 
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r  (4.1-44) 

in which NA is the Avogadro number, n  is the number of radicals per particle, and r is the radius 

of particle. 

In the user defined codes written for the CFD model, we first calculated the radius of particle and 

conversion based on equations (4.1-45) and (4.1-46). φ was then obtained using equation (4.1-

42) and finally the growth rate was calculated using equation (4.1-47). 

The growth rate based on the particle volume, Gv is defined as 
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 (4.1-45) 

  (4.1-46) 

4.1.4  CFD simulation 

ANSYS Fluent 14.5 was employed to solve all transport equations for the unsteady-state 

condition. All transport equations were integrated using control volume method. Standard wall 

function was considered as near wall treatment (Launder and Spalding, 1974). The distance 

between the first cell and the wall was bridged by wall functions (Blazek, 2005). On the liquid 

level, the symmetry boundary condition was used. First-order upwind discretization scheme was 

employed to calculate the face fluxes in the momentum and phase transport equations. The 

velocity-pressure coupling was solved using phase coupled SIMPLE algorithm (Patanakar and 

Spalding, 1972). Integrating the governing transport equations over small control volumes 

resulted in an algebraic linear system, which was solved with the Gauss–Seidel iterative method 

and the Algebraic Multi-Grid method (AMG). The reactor model was comprised of continuity 

equation, three momentum equations for the velocity components for the mixture of two phases, 

two k and ε  turbulence equations, one species continuity equation for the monomer specie in the 

primary phase, seven equations for the bin fractions of the secondary phase and the continuity 

volume fraction equation for the secondary phase. The simulation started with all velocity 

components set to zero. The initial volume fraction of secondary phase was set to zero and the 

initial mass fraction of monomer in the primary phase was set to 0.26. These conditions 

simulated the impeller-stirred tank to be initially at rest. The initial conditions for the turbulent 

energy dissipation and kinetic energy were assumed to be zero. The geometric ratio between 
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seven bin sizes was equal to two and was chosen in such a way that the final mean particle size 

was located in the middle. The bin sizes at different impeller speeds are listed in Table 4.1-2.  

 

Table 4.1-2 Diameter of the particle sizes used in the discrete method. 

CFD Bin 0 1 2 3 4 5 6 

Diameter Size 

(nm) 
1792 896 448 224 112 56 28 

 

 

Initial volume fraction of all bins was set to zero. The population balance discrete model was 

enabled and nucleation and growth rate were set to zero at the start of simulation. All equations 

were simultaneously solved in an unsteady state mode with the step size of 0.1 s, and maximum 

iteration per time step of 10. Then, the user defined functions as shown in Appendix A.1 for 

nucleation and growth rate were enabled and the equations were solved. Convergence was 

checked by monitoring the residuals of all mentioned equations, sum of velocity magnitude at 

the liquid surface, and monomer mass fraction. Supercomputing facilities of HPCVL (High 

Performance Computing Virtual Laboratory) was utilized to perform the computations. Each 

simulation was run in parallel with 36 dual cores SUN Ultra-Spark IV, 1.8GHz Sun Micro-

Systems CPUs. The grid was partitioned into 36 parts and one CPU was then assigned to each 

partition. The convergence for each unsteady state simulation was achieved after 3 days for 7 

particle bin size fractions (classes) in the discrete model. 
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4.1.4.1 Convergence criteria  

The solution of the transport equations is an iterative process hence the field variables changes 

with the iteration till the convergence is reached. In this study, one of the most critical tasks in 

the CFD modeling was solution of transport equations of the species transport equation in the 

first phase species mass fractions on each node. Hence, monitoring the un-reacted methyl 

methacrylate monomer mass fraction in the first phase (water and monomer) against the iteration 

progress represented the convergence history of the species transport equations.  Figure 4.1-2 

shows the un-reacted monomer fraction in the first phase. 

 

Figure 4.1-2  Monomer mass fraction convergence at the function of iteration. 

 

As mentioned earlier, the UDF codes were introduced in transport equations after 3000 
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fraction decreased with the iteration progress and finally reached a plateau again when the 

solution approached the convergence. 

In addition to the above mentioned surface monitor, the transport equation residuals and sum of 

velocity magnitude were also monitored to keep the track of the transport equations convergence.  

4.1.4.2 Grid independency check 

The accuracy of the transport equation solutions depends on the grid resolution of the flow 

domain. The coarse grid cannot properly resolve the gradients of the flow field variable and may 

give misleading results. The accuracy of the solution increases with enhancement in grid 

resolution but the solution of the transport equations on high grid resolution requires more 

computational time. Hence, it becomes necessary to design a grid that is optimum compromise 

between desired accuracy and computational cost of the solution. In CFD analysis, it is a 

common practice to check the dependency of the solution on the grid resolution. For the reactor 

equipped with the pitched blade, 320526, 500385, and 743170 cells and for the Rushton impeller 

410639, 583197, and 842850 cells were generated using ANSYS Design Modeler 14.5. The 

complete transport equations along with the population balance equations were solved on the 

three grids for both types of impellers. In the case of using the pitched blade impeller, as the 

axial flow was more representative variable of the flow domain,  the results were compared on a 

line positioned below the impeller. In the case of using the Rushton impeller, as the radial flow 

was more typical variable, the results were analyzed on a vertical line positioned on the side of 

impeller. Figure 4.1-3, Figure 4.1-4, and Figure 4.1-5 show the axial velocity, turbulent kinetic 

energy and polymer volume fraction for the three grids for the pitched blade impeller on a line 

positioned at the x = 0.0, y = -0.025 to 0.025 m, and z = 0.11 m location for all the grids. The 

negative axial velocity represents downward velocity in the reactor. 
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Figure 4.1-6, Figure 4.1-7, and Figure 4.1-8 depict the radial velocity, turbulent kinetic energy 

and polymer volume fraction for the three grids for the Rushton impeller on a line positioned at 

the x= 0.03 m, y= 0.0 m, and z= 0.08 m to 0.105 m location for all the grids. 

 

Figure 4.1-3 Grid independency study through axial velocity profile using the pitched blade 
impeller. 

 

In order to quantify the discrepancy, the root mean square (RMS) deviation (Arratia et al., 2006) 

was calculated:  

  

(4.1-47) 

where  x1 is variable on node i for grid 1,  x2 is variable on node i for grid 2  and n is number of 

nodes. 
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Figure 4.1-4 Grid independency study through turbulent kinetic energy profile using the pitched 
blade impeller. 

 

Figure 4.1-5 Grid independency study through polymer phase volume fraction profile using the 
pitched blade impeller. 
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Figure 4.1-6 Grid independency study through radial velocity profile using the Rushton 
impeller. 

 

Figure 4.1-7 Grid independency study through turbulent kinetic energy profile using the 
Rushton impeller. 
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Figure 4.1-8 Grid independency study through polymer phase volume fraction profile using the 
Rushton impeller. 

 

 

Table 4.1-3 RMS values for the reactor equipped with the pitched blade impeller at the speed of 
350 rpm for different number of cells at the location of x= 0.0, y= -0.025 to 0.025, and z= 0.11 m. 
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Variable 320526 and 500385  cells 500385 and 743170 cells 

Axial velocity 

4.1.5  

5.1% 4.0% 

Turbulent kinetic energy 4.3% 3.5% 

Polymer volume fraction 4.9% 4.2% 
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Table 4.1-4 RMS values for the reactor equipped with the Rushton impeller at the speed of 350 
rpm for different number of cells at the location x= 0.03, y= 0.0, and z= 0.08 to 0.105 m. 

 

The calculated errors are shown in Table 4.1-3 and Table 4.1-4 for the reactor equipped with the 

pitched and Rushton impellers, respectively. All the RMS values were acceptable with the 

confidence in the solution accuracy as were less than 5%. Hence, the solution of the transport 

equation on the coarse cells for the pitched blade (320526 cells) and Rushton impeller (410639 

cells) were considered grid independent and selected for the final 3D mesh of the models. 

  

Variable 410639 and 583197 cells 583197 and 780123 cells 

Radial velocity 4.7% 4.2% 

Turbulent kinetic energy 4.8% 3.9% 

Polymer volume fraction 4.8% 3.8% 
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4.2 CFD modeling of water and oil emulsion 

4.2.1 Emulsion tank geometry 

The experimental data reported by Boxall et al. (2010) were used in this research to validate the 

CFD model. Figure 4.2-1  demonstrates the schematic diagram of the emulsion tank. The tank 

was a flat-bottom cylindrical tank with a diameter of 0.102 m. The mixing vessel was equipped 

with   a  Rushton   turbine   impeller   and   four   baffles   spaced   at   90˚   intervals   against   the  wall.  The  

impeller diameter, impeller off-bottom clearance, and liquid height in the tank were 0.050 m, 

0.051 m, and 0.098 m, respectively.  The impeller speed was varied from 300 rpm to 600 rpm. 

Water and two types of crude oil (Conroe oil and Troika oil) were utilized as the dispersed and 

continuous phases, respectively. Physical properties of oils and water are tabulated in Table 4.2-1 

(Boxall et al., 2010).  

 

 

 

Figure 4.2-1 Schematic diagram of water and oil tank. 
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Table 4.2-1 Physical  properties  of  fluids  at  20˚  C  and  1  atm  (from  Boxall  et  al.,  2010). 

Fluid Density (kg/m3) Viscosity (cP) 
Interfacial Tension 

with water (mN/m) 

Conroe Oil 842 3.1 20 

Troika Oil 869 20 11 

Water 1000 1 - 

 

 

4.2.2 Mathematical model 

In this study, the Eulerian approach was employed to model the multiphase flow inside the 

emulsion tank. This technique solves a set of continuity and momentum equations for each 

phase. The continuity equation for phase q is (Ranade, 2002): 
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where qU  is the density of phase q, qD  is the phase volume fraction, and qv& is the velocity of 

phase q.  

The momentum equation for phase q is expressed as (Ranade, 2002): 
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Here g is the acceleration due to gravity, W
&&

 is the stress tensor of phase q, P is the pressure, F
&  is 

the external force, and I
&&

 is a unit tensor. The exchange coefficient pqK  is already defined in 

previous section in equation 4.1-9 to 4.1-13. Since the lift force is insignificant compared to the 

drag force in emulsions (Drew and Lahey, 1993), it was ignored in this study. The effect of 

virtual mass forces was neglected in this study since both phases are liquids and the density of 

the  dispersed phase (water) is larger  than the density of the continuous phase (oil) (Drew and 

Lahey, 1993).  

The equations of the k-ε model used for this section are already defined in equations 4.1-18 to 

4.1-24.  

The population balance equation was coupled with turbulent and multiphase flow equations to 

obtain the size distribution of water droplets in the continuous oil phase. The general population 

balance equation can be written as follows (Hagesaether et al., 2002): 

 
 

 

(4.2-4) 

where kn'  shows the number of  droplets of size k, BB and DB denote birth and death due to 

breakage and BC and DC denote birth and death due to coalescence of droplets. According to 

Hagesather et al. (2002), the birth and death rate due to breakage can be written as below: 

 

(4.2-5) 
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),( kiB XX: is the break up rate of the droplets of size iX  into droplet kX  and is described in 

equation 4.2-13. If the break up volume fraction jX happens, it is distributed as follows: 

 

 
ikiikij vxx )1( ,1, �� �XX  

....,3,2,1,21
,   �� kix ik
ki   

(4.2-7) 

The discrete method was used in this research to compute the droplet size distribution. The total 

number of particles per unit volume (N) or number density is calculated using the following 

equation:   

  (4.2-8) 

In the present study, two phenomena were chosen in the discrete method of population balance 

model: coalescence and breakage while nucleation and growth were not considered as the mass 

transfer between the two phases was neglected (Agterof et al., 2003, Coulaloglou and Tavlarides, 

1977, Silva et al., 2008, Srilatha et al., 2010). The range of droplet sizes in the droplet size 

distribution was divided into a finite number of intervals or bins (classes). Generally, the size 

chosen for a bin is required to be in geometric progression with the adjacent bin size (Hill and 

Ng, 1995). In homogenous discrete method all bins are assigned to one dispersed phase and have 

the same v& velocity. The general transport equation for the discrete bin (classes) fraction fi is:  

  (4.2-9) 

 

The net mass source for the phase, iS , is zero as follows: 
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  (4.2-10) 

 

where L is the number of bins in the phase and: 

  (4.2-11) 

 

In the present CFD modeling, the mass conservation equation was calculated for each bin as 

shown by equation 20. However, for all bins, one momentum conservation equation was 

considered assuming that all bins were advected by the dispersed phase momentum. This was 

due to limitation of the homogenous discrete method (Hagesaether et al., 2002, Hounslow et al., 

1988, Litster et al., 1995). On the other hand, in the inhomogeneous discrete method a separate 

momentum equation can be applied for each bin (Kerdouss et al., 2008). Although it would have 

been more accurate to utilize the inhomogeneous discrete method, it could definitely involve a 

more intensive CPU task, which might affect the convergence of the equations as well. To run 

the CFD model with the homogeneous discrete method, we employed 24 dual core processors. In 

case, if the inhomogeneous discrete method were used, even more processors were needed. The 

CFD results with the homogeneous discrete method were in very good agreement with the 

experimentally measured data.  

In this study, the transport equations were solved for each bin, which represented the volume 

fraction of water phase in that bin. Thus, the total water phase volume fraction was the sum of 

volume fractions for all the discrete bins. The birth and death of droplets in each bin 

demonstrated whether they enter or leave the bin due to the breakup or coalescence.  After the 

transport equations for the scalars were solved, the values of the number density function for 
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each size bin was calculated. This was simply the volume fraction of each bin divided by the 

volume of a single droplet yielding the number of droplets per unit volume or number density. 

The values of the number density function for all bins gave the droplet size distribution. The 

transport equations from the population balance model and the momentum equations were 

coupled and in order to describe breakage and coalescence terms in  equation  15,  Luo’s  model  

(Luo, 1993; Luo and Svendsen, 1996) was employed. In this model, for binary breakage, size of 

daughter drops was calculated as: 

    (4.2-12) 

 

where DI  and DII  are diameters of daughter droplets in  the binary breakage with parent diameter 

of D. According to Luo (Luo and Svendsen, 1996) only eddies smaller than or equal to the 

droplet can make particle to oscillate.  If we consider the variable [ = λ/D as a dimensionless 

eddy size, D as droplet diameter, and λ as eddy size, then the equation for breakage rate is 

expressed as:  

 

 

(4.2-13) 

where the parameters are: 
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The birth and the death of the droplets due to coalescence are: 

 

 
 

(4.2-15) 

 

 
 

(4.2-16) 

The coalescence term ),( jiC XX:  is the rate of coalescence between droplets iX  and jX : 
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(4.2-17) 

Details   of   Luo’s   coalescence  equations   for  description  of   ),( jC i XX: can be found elsewhere 

(Luo, 1993). 

It should be mentioned that the computational approach in Schütz et al. (2009) paper was found 

to be similar to our study. However, they applied the CFD technique for a different process, i.e. 

hydrocylcone separation. In addition, for multiphase modeling, we employed Eulerian approach, 

which is more accurate compared to mixture model (Ansys Fluent 12.0, 2009) used by Schütz et 

al. (2009) for multiphase modeling. The mathematical equations including multiphase motion, 

turbulence, breakage and coalescence equations were coupled with the discrete method in 

population balance approach and were employed in the CFD simulations. 
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4.2.3 CFD simulation 

Gambit 2.4 was utilized to discretize the 3D computational domain via unstructured tetrahedral 

cells (Figure 4.1-2). To capture the flow details near the flow domain boundaries, a size function 

was employed to generate very refined mesh in the vicinity of the rotating impeller and the tank 

wall. To test for grid independence, the mesh was fine-tuned based on the velocity profiles 

computed near the impeller, where is the region of large velocity gradients. Grid independence 

was achieved when the additional cells did not change the calculated velocity near the impeller 

blades by more than 5%. The final three-dimensional model had 299,616 cells. 

 

 

Figure 4.2-2 Geometry grid of water and oil emulsion system. 
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According to the literature, the rotation of an impeller in a tank can be modeled by several 

techniques such as multiple reference frames (MRF) and sliding mesh (SM) methods (Deen et 

al., 2002; Brucato et al., 1998).  The MRF approach predicts the flow field for a fixed position of 

the impeller relative to the baffles (Luo et al., 1994). In the sliding mesh approach (Luo et al.,  

1993), the dynamic simulations are carried out using two grid zones; one is attached to the 

baffles and tank wall while the other is attached to the rotating impeller. As the impeller rotates 

in time relative to the baffles, so does the grid in the impeller region, while the baffle region does 

not move. To evaluate the motion of the grid, the solution method must be time-dependent. The 

SM approach is more accurate but it requires more CPU time than that of the MRF approach 

(Mostek et al., 2005).  Several researchers have used MRF method for the similar mixing 

geometry and achieved good results (e.g. Kerdouss et al., 2008; Pakzad et al., 2008; Patel et al., 

2010a and 2010b).  In this study, we employed MRF technique to capture the motion of the 

rotating impeller in a stationary tank and the CFD results matched very well with the 

experimental data. Therefore, to reduce the computational time, we did not utilize the sliding 

mesh technique. The transport equations inside and outside the rotating frame were solved 

separately and as the solution proceeded a transfer of information was considered at the 

interface. 

Fluent package (version 6.3.26) was employed to solve all transport equations for unsteady-state 

condition. All transport equations were integrated using control volume method. Standard wall 

function was considered as near wall treatment (Launder and Spalding, 1974). The distance 

between the first cell and the wall was bridged by wall functions (Blazek, 2005). On the liquid 

level, the symmetry boundary condition was used. The flow was considered turbulent with a 

maximum Reynolds number of approximately 5000. First-order upwind discretization scheme 
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was employed to calculate the face fluxes in the momentums and phase transport equations. The 

velocity-pressure coupling was solved using phase coupled SIMPLE algorithm (Patanakar and 

Spalding, 1972). Integrating the governing transport equations over small control volumes 

resulted in an algebraic linear system, which was solved with the Gauss–Seidel iterative method 

and the Algebraic Multi-Grid method (AMG). The reactor model was comprised of continuity 

equation, three momentum equations, four volume fraction transport equations for the two 

phases, two k and ε turbulence equations, and seven equations for the bin fractions of the second 

phase. The simulation started with all velocity components set to zero. This condition simulated 

the impeller-stirred tank to be initially at rest. Therefore, water as the second phase with the 

volume fraction of 0.15 or 0.25 was at the lower section of tank, below the continuous phase, due 

to the higher density of water compared to the densities of Conroe oil and Troika oil as tabulated 

in Table 1. All equations were simultaneously solved in unsteady state mode with the step size of 

0.01 s, number of time steps of 5000, and maximum iteration per time step of 30 (Harvey and 

Rogers, 1996). The initial condition for the turbulent energy dissipation εturb was 1 m2/s3 and for 

the turbulent kinetic energy kturb was equal to 1 m2/s2. The geometric ratio between seven bin 

sizes was equal to one and was chosen in such a way that the Sauter mean diameter was located 

in Bin 3. The bin sizes at different impeller speeds and for two types of oils are tabulated in 

Table 4.1-2. Initial volume fraction of all bins to dispersed phase were set to 0.1 except for the 

Bin 3 whose volume fraction was assumed to be 0.4 (The sum of all bin volumes divided by the 

dispersed phase volume was equal to one.).  
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Table 4.2-2 Diameter of the drop sizes used in discrete method. 

 

Bin 
size μm (300 rpm) size μm (400 rpm) size μm (600 rpm) size (300 rpm) 

 Conroe Oil Troika Oil 

1 280 208 132 160 

2 222 165 104 126 

3 176 131 83 100 

4 140 104 66 80 

5 111 82 52 63.4 

6 88 65.5 41 50 

7 70 52 33 40 

 

Convergence was checked by monitoring the residuals of all mentioned equations, sum of 

velocity magnitude at the liquid surface, and the water phase bin fractions average. 

Supercomputing facilities of HPCVL (High Performance Computing Virtual Laboratory) was 

utilized to perform the computations. Each simulation was run in parallel with 24 dual cores 

SUN Ultra-Spark IV, 1.8GHz Sun Micro-Systems CPUs. The grid was partitioned into 24 parts 

and one CPU was then assigned to each partition. The convergence for each unsteady state 

simulation was achieved after 8 hours for 7 droplet bin size fractions (classes) in discrete model. 
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4.3 Modeling of MMA polymerization in a CSTR 

4.3.1 Reactor system 

Figure 4.3-1 shows a schematic diagram of the CSTR reactor considered in this CFD study. The 

reactor is a round bottom cylindrical tank with a diameter of 10.16 cm and a height of 13.46 cm. 

The vessel was equipped with a 45º pitched bladed turbine impeller with a diameter and off-

bottom clearance of 5.08 cm and 3.69 cm, respectively.  The impeller speed was varied up to 500 

rpm. The reaction system consists of methyl methacrylate (MMA), ethyl acetate (EAc) and 

azobis isobutyronitrile (AIBN), which are, respectively, the monomer, solvent and chemical 

initiator species. These reactants were fed to reactor. The polymer, un-reacted monomer, and 

solvent were withdrawn from the bottom of tank.  The CFD modeling approach is described 

next.  

4.3.2 Mathematical model 

The reactor model consisted of a transport model coupled with a polymerization kinetic model. 

Assuming a laminar flow steady state condition, the governing transport equations of continuity, 

momentum, and species balance are as follows (Serra et al., 2007):  

Continuity: 

 � � 0.  � v&U  (4.3-1) 

where U is the density and v&  is the velocity vector. 

Momentum balance: 

 � � � � FgPvv
&&&&&&

������ � UWU ..  (4.3-2) 
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P is the pressure, g&  is the gravitational force, W
&&

 is the stress tensor described in equation 4.2-3, 

and F
&  is the external force. 
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Figure 4.3-1 Schematic diagram of CSTR. 

 

Species balance: 

 iii SJWv ��� �
&& .)(. U  (4.3-3) 

where 

 iii WDIFJ �� )(U
&

 (4.3-4) 
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Ji, DIFi, Wi, and iS are diffusive flux, mass diffusivity, mass fraction, and mass source, 

respectively that are related to the ith species. Physical properties of species are tabulated in 

Table 4.3-1. 

 

Table 4.3-1 Physical  properties  of  reactor  species  at  20˚  C  and  1  atm. 

 

4.3.3 Reactive source term 

In this study, initiation mechanism by both chemical and thermal initiations was taken into 

account and the overall kinetic mechanism consisting initiation, propagation, chain transfer agent 

(monomer, solvent), termination by combination and disproportionation is given below (Rudin 

and Choi, 2012): 

Thermal Initiation: x�o� 123 RM thk  (i) 

Chemical Initiation: x�o� in
k RI d 2  (ii) 

    xx �o�� 1RMR ink
in  (iii) 

Propagation: 
   11 t��o�� x

�
x rRMR r

k
r

prop  (iv) 

Transfer to monomer 
  r

k
r PRMR trfm ���o�� xx

1  (v) 

Fluid Density (kg/m3) Viscosity (Pa.s ) Mw (g/mol) 

Methyl methacrylate (MMA) 895 3.7e-4 100.12 

Azobisisobutyronitrile (AIBN) 1100 2.8e-4 164 

Ethyl Acetate (EAc) 866 5.9e-4 92.07 
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Transfer to solvent 
  r

k
r PSSR trfs ��o�� xx  (vi) 

Termination 
 1, t�o�� �

xx srPRR sr
k

sr
tc  (vii) 

 1, t��o�� xx srPPRR sr
k

sr
td  (viii) 

 

where M, xR , and P stand for monomer, live polymer radical and dead polymer, respectively. The 

subscripts r and s are polymer chain lengths and the reaction rate constants k are provided in the 

nomenclature. Assuming a steady-state hypothesis and equating the rate of chemical initiation to 

that of termination, the overall growing polymer concentration is given by (Kolhapure and Fox, 

1999): 

  (4.3-5) 

 

where f  is the initiator efficiency which stands for the fraction of initiator amount that has been 

consumed. The values of the reaction rate constants (Schmidt and Ray, 1981; Maschio and 

Moutier, 1989; Choi, 1986; Dehnavi et al., 2008) are listed in Table 4.3-2. 
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Table 4.3-2 Values of kinetic parameters for free radical polymerization of MMA. 

 

 

 

 

 

 

 

 

 

Kt,0 is the initial total termination rate constant as described below: 

  (4.3-6) 

 

To account for the auto-acceleration phenomenon in the kinetics model, the approach of the free 

volume theory is considered. The free volume fX of the solution polymerization system is 

expressed as (Schmidt and Ray, 1981): 

  (4.3-7) 

 

                                                 
1 ) Lingnau and Meyerhoff (1984)  

2 ) Maschio and  Moutier (1989) 
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where mI , sI  and pI  are the volume fractions and mf ,X , sf ,X and pf ,X are the specific free 

volume of the monomer, solvent, and polymer, respectively. They are given by (Schmidt and 

Ray, 1981): 

  

 (4.3-8) 

where T is the reaction temperature; Tgp the glass transition temperature of polymer; and Tgm and 

Tgs are   analogous   temperatures   (D’Hooge   et   al.,   2010)   for  monomer   and   solvent,   respectively  

(Schmidt and Ray, 1981). 

The mobility of a chain is greatly reduced in the case of smaller free volume values. The onset of 

the gel effect may occur in the range of 20% and 40% conversion (Louie et al., 1985). In this 

study, it was assumed that the gel took effect for conversion higher than 30% as reported 

(Maschio and Moutier, 1989). Thus, the termination rate constant is given by: 

 

where 

 (4.3-9) 

 

 

 (4.3-10) 

The initiation rate Rin and the polymerization rate propR per unit volume are, respectively, given 

by: 

  
(4.3-11) 

  
(4.3-12) 
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The kinetic polymerization model expressed by initiation and propagation rates is linked to the 

hydrodynamic model via the source term which is required in Equation 4.3-3. Thus, the species 

transport source terms (monomer and initiator consumption rates) are defined as (Kolhapure and 

Fox, 1999): 

  (4.3-13) 

   

(4.3-14) 

where Mw,m and  Mw,in are the monomer and initiator molar masses, respectively.  

4.3.4 CFD simulation  

For the CFD simulation, Gambit 2.4 was first utilized to make the reactor geometry and 

discretize the 3D computational domain via unstructured tetrahedral cells as shown in Figure 4.3-

2. To capture the flow details near the flow domain boundaries, a size function was employed to 

generate very refined mesh in the vicinity of the rotating impeller and the tank wall. After 

applying the grid independence test, the final three-dimensional model had 315,087 cells. A 

rotating frame surrounding the impeller was generated to simulate the impeller rotation (Patel et 

al., 2010a and 2010b). This rotating frame was used for the region containing the impeller while 

a stationary frame was employed for the rest of the flow domain. The transport equations inside 

and outside the rotating frame were solved separately and as the solution proceeded a transfer of 

information was considered at the interface. ANSYS Fluent package (version 13.00) was 

employed to solve all transport equations at steady-state condition. A user defined function 

(UDF) code was written for the source terms in C language and linked to the species transport 

model coded in FLUENT. 
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mwpropm MRS ,u 
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Figure 4.3-2 Geometry Grid. 

 

All transport equations were integrated using the control volume method. In particular, species 

transport equations were solved for monomer, initiator, and solvent. The polymer mass fraction 

was calculated by subtracting the monomer and initiator mass fractions from unity in the CFD 

simulation. On the liquid level, a symmetry boundary condition was considered. At the feed 

stream of the reactor, the inlet-velocity boundary condition was selected. The inlet velocity and 

the inlet mass fraction of species were supplied. At the reactor outlet, zero normal gradients were 

used so that there was no diffusive flow normal to the boundary. On the tank walls, no slip 

condition was imposed on the transport equations. The flow was considered laminar with a 

maximum Reynolds number of approximately 1500. The reactor was considered operating under 

isothermal conditions, thus a constant temperature was considered on the reactor walls. A 

Inlet 

Outlet 
Inlet 

Outlet 



Chapter 4: CFD Model Development                                                                                         82 

second-order upwind discretization scheme was employed to determine the face fluxes in the 

momentum and species transport equations. The PRESTO scheme was employed for the 

pressure discretization, and velocity-pressure coupling was solved using phase coupled SIMPLE 

algorithm (Poubel et al., 2010). Integrating the governing transport equations over small control 

volumes resulted in an algebraic linear system, which was solved with the Gauss–Seidel iterative 

method and the Algebraic Multi-Grid method (AMG).  

As previously mentioned, the reactor model was comprised of transport and kinetic models. 

First, the continuity and momentum equations were solved for an inert medium consisting of 

methyl methacrylate, initiator and solvent with no possibility of a reaction. After reaching a 

partial convergence for flow equations, the species polymerization reaction source terms were 

attached to Fluent and the complete model was solved. As the number of iterations was increased 

in simulation, the under-relaxation for the species transport equations was gradually increased to 

obtain a stable and accurate numerical solution. Convergence was not straightforward and three 

criteria were monitored to obtain when: i) the residuals of the transport equations were less than 

1× 10 -6, ii) the un-reacted monomer fraction in the outlet of reactor was invariant with iteration, 

and iii) the sum of velocity magnitude at the liquid surface did not vary with increased iteration. 

All equations were solved at the steady-state mode and convergence was achieved after 255,000 

iterations. Supercomputing facilities of HPCVL (High Performance Computing Virtual 

Laboratory) was utilized to perform the computations. Each simulation was run in parallel with 

36 dual cores SUN Ultra-Spark IV, 1.8GHz Sun Micro-Systems CPUs. The grid was partitioned 

into 36 parts and one CPU was then assigned to each partition. The convergence for each 

simulation was achieved after 5-6 days. 
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  Chapter 5 

5 RESULTS AND DISCUSSION 

In this chapter, all results and related discussions are presented in the five separate sections:  

 

Section 5.1: Mixing effect on emulsion polymerization in a batch Reactor  

In this section, the experimental results regarding the effects of impeller speed, mounting baffles, 

and reaction temperature on the monomer conversion, polymer particle size and number, and 

molecular weight are provided and discussed. The results presented in this section have been 

published in a peer-reviewed journal (Fathi Roudsari et al., 2014a). 

 

Section 5.2: Impact of impeller type on MMA emulsion polymerization in a batch reactor  

In section 5.2, the impacts of the impeller type (45° six pitched-blade turbine and Rushton 

impeller), number of impellers (single and double impellers), and impeller speed (100-350 rpm) 

on the monomer conversion, polymer particles size, molecular weight, and glass transition 

temperature are analyzed through the experimental data. The results presented in this section have 

been published in a peer-reviewed journal (Fathi Roudsari et al., 2014b). 

 

Section 5.3: CFD Analysis of mixing in emulsion polymerization of MMA 

A novel computational fluid dynamics (CFD) model is presented for the emulsion 

polymerization reactor in this section. The novelty of this study was the inclusion of the chemical 

reaction kinetics to the population balance through nucleation and growth rates while taking into 

account the velocity gradients in the emulsion polymerization reactor. The mean particle size, 
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conversion and number density distribution were computed using the model and were validated 

with the experimentally determined values. The results presented in this section have been 

submitted to a refereed journal. 

 

Section 5.4: CFD modeling of the mixing of water in oil emulsion   

Section 5.4 deals with the development of a CFD model for the mixing of water in oil emulsion 

in a lab-scale mixing tank equipped with a Rushton turbine impeller. To achieve this goal, the 

droplet size distribution within the mixing tank was estimated by means of the population 

balance approach, which employs the discrete method to describe coalescence and breakage of 

water droplets. In this study the incorporation of the population balance equations into the CFD 

model for a non-reactive emulsion system was investigated. The results presented in this section 

have already been published in a refereed journal (Fathi Roudsari et al., 2012).  

 

Section 5.5 Use of CFD in modeling MMA solution polymerization in a CSTR 

This modeling study was also performed to find an efficient technique to couple the reaction 

kinetics with the CFD model for a polymerization system inside a stirring reactor. A CSTR tank 

was selected to enable solution of the transport equations in the steady state mode. A 

computational fluid dynamics (CFD) model was developed to study methyl methacrylate 

(MMA) solution polymerization in a lab-scale stationary continuous stirred tank reactor (CSTR) 

equipped with a six bladed 45° pitched. The effects of the impeller speed, reaction temperature, 

residence time and inlet monomer concentration on the conversion and homogeneity of reaction 

mixture inside the reactor were studied. The results discussed in this section have been published 

in a peer-reviewed journal (Fathi Roudsari et al., 2013).  
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5.1 Mixing effect on emulsion polymerization in a batch reactor  

(Fathi Roudsari et al., 2014a) 

5.1.1 Introduction 

Even though significant advances have been achieved in emulsion polymerization in recent 

decades, the basic concept of mixing which is the basis for the formation of emulsion mixture 

has not been fully delineated yet. In this study, the impact of the stirring rate, baffles, and 

reaction temperature on the monomer conversion, the mean particle size, and the average 

molecular weight were extensively explored. The experimental set up was a 2L PARR reactor  as 

shown in Chapter 3 ( Figure 3.1-1) and the experimental procedure are described in Section 

(3.2). In this study, the pitched blade impeller was utilized. The experimental design is shown in 

Table 3.4-2. 

5.1.2 Results and discussion 

In this research, the final number of particles, Np was calculated using the following equation 

(Sajjadi and Jahanzad, 2003):  

 
𝑁𝑃 =

6𝑀𝑡𝑥𝑓
𝜋𝜌𝑃𝐷𝑃3

 (5.1-1) 

 

where Mt is the total amount of monomer and polymer present in the reactor, xf is the final weight 

ratio of the polymer in the reactor to the total amount of monomer fed into the reactor by the 

time t , ρP is the density of polymer, and DP is the volume average diameter of particles. 

In our study, the experiments were performed from low to high agitation rates at a fixed 

chemical  recipe.  Sampling  was  started  5  min  after  adding  initiator  at  5˚C  below  the  set  point  and  
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a total of 13 samples were taken for each run. Figure 5.1-1 (both plots) shows monomer 

conversion as a function of reaction time at different impeller speeds of 20, 100, 250, and 350 

rpm, with and without baffles at the isothermal reactor temperature of (a) 50qC and (b) 60qC. 

According to literature (Feng et al., 2010), the induction time is the period before the reaction 

takes place. Therefore, in our experiments, even though the sampling was started after 5 min of 

adding the initiator, the conversion results, revealed that the experiments performed at lower 

impeller speeds (20-100 rpm) had longer induction time before the monomer conversion was 

raised compared to the runs at the higher agitation rates (250-350 rpm).  

At the impeller speed of 20 rpm, the very low conversion indicates that pooling of monomer 

occurred on top of the reaction mixture. This was predictable due to the insufficient mixing at 

this low agitation rate. The conversion increased when the impeller speed was varied from 20 

rpm to 250 rpm. However, further increase in impeller speed (i.e. from 250 to 350 rpm) resulted 

in lower conversion profile. Thus, the maximum conversion was achieved at 250 rpm.  

Conversion enhancement with an increase in the impeller speed can be anticipated as the 

mechanical agitation directly influences the emulsification and nucleation stages. Emulsification 

affects the rate of polymerization at the beginning of the reaction. At the higher impeller speeds, 

the mixing of the reaction mixture is improved. This enhances the probability of the reaction 

between reactants and thus the rate of polymerization (Fathi Roudsari et al., 2013). Besides, the 

initiator performance improves as the result of the improved recirculation achieved at the higher 

impeller speed within the reactor. For impeller speeds greater than 250 rpm, the conversion 

decreased. Vigorous stirring at 350 rpm induced instability in emulsion as foaming appeared on 

the surface of the emulsion samples. In fact, the intensive mixing exerted an excessive shear rate 

on the emulsion mass. Instability in emulsion polymerization systems can occur at higher 
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impeller speeds (Kemmere et al., 1998). Figure 5.1-1 (both plots) also show the polymerization 

profiles  at  50  and  60˚C.  The  effect  of  temperature  on  the  conversion  has  already  been  studied  in  

literature (Scora et al., 2004). Nevertheless, we intended to obtain the results at two different 

temperatures to study the effect of incorporation of baffles and the impeller speed at these two 

temperatures to better demonstrate the impact of these factors compared to the temperature effect 

on the polymer properties. As expected, these data indicate that the temperature has an 

appreciable effect on the monomer conversion. At higher temperature, the decomposition rate of 

the initiator increases and thus more radicals are produced, which in turn lead to the higher 

monomer conversion (Scora et al., 2004). 

On the other hand, as it can be observed in Figure 5.1-1, the complete conversion could not be 

achieved. According to Soh and Sundberg (1982), it has often been noted that polymerizations 

carried out at temperatures significantly below the glass transition temperature of the pure 

polymer do not appear to reach full conversion. Besides, the limiting conversions can be 

attributed to the decreased initiator efficiency and decrease in the decomposition rate of the 

initiator at the isothermal reaction temperature (Faldi and Tirrell, 1994).  Furthermore, in our 

study, the monomer was not purified as it was intended to resemble the actual industrial case. 

Therefore, all the mentioned reasons can be attributed to the limited conversion as observed in 

Figure 5.1-1. Furthermore, the influence of the baffles on the conversion was studied in this 

research.   The   installation   of   baffles   decreased   the   conversion   about   7%   at   50˚C   and   250   rpm  

when the baffles were mounted as shown in Figure 5.1-1a.  The  reduction  in  conversion  at  50˚C  

due to the use of baffles was about 2% at 20 rpm and 350 rpm.  
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Figure 5.1-1 Conversion as a fucntion of time at the speed of 20, 100, 250 and 350 rpm, with 
and without baffles at the isothremal reaction temperature of  a) 50˚C  and  b)  60˚C. 
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As depicted in Figure 5.1-1b,  the  use  of  baffles  at  60˚C  decreased  the  conversion  by  about 9% at 

250 rpm and by about 2-3% at 20 rpm and 350 rpm. At both set point temperatures, the 

maximum reduction in conversion due to the use of baffles was observed at 250 rpm and the 

least effect was observed at 350 rpm and 20 rpm. It means that the baffles did not have a 

significant effect on the conversion at very low and very high impeller speeds. In contrast, the 

baffles had the most impact on the conversion at the impeller speed of 250 rpm. 

Generally, baffles increase the axial velocity component that promotes circulation and reduce the 

tangential or swirl velocity. This lower tangential velocity leads to a higher relative velocity and 

shear rate near the impeller. Baffling is always required for liquid–liquid dispersion, with the 

exception of suspension polymerization and certain highly shear-sensitive emulsion 

polymerizations (Paul et al., 2004). In our study, the use of baffles, increased the shear inside the 

reactor and as the latex was shear sensitive, the agglomeration occurred which is more notable at 

the impeller speed of 250 rpm at both temperatures of 50 and 60 ͦ C which contributed to the 

slight reduction in conversion. In addition, according to literature (Paul et al., 2004), the baffle 

placement is important in determination of the surface flow of the dispersion.   The location of 

the top edge of the baffles relative to the liquid surface can creating eddies that are helpful in 

facilitating drop suspension. When baffle tips are just below the surface, unrestricted eddy 

motion facilitates engulfment of surface materials into the bulk liquid. If baffles extend through 

the surface, they create local stagnation, causing slow surface engulfment and sometimes 

pooling.  In our experimental set up, the baffle set was extended through the surface of liquid. 

Therefore, the slight pooling of monomer at the surface may have reduced the monomer 

conversion. Besides, a minimum distance of baffles from the wall enables liquid to pass between 

the baffle and the wall. On the other hand, in our study, due to restriction of available space 
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inside the reactor, the baffles were attached to the wall.  Therefore, it is possible that the baffle 

surface wetted by the dispersed phase collected the monomer droplets which resulted in lower 

conversion.  

By comparing the number of particles in Table 5.1-1, it is evident that the number of particles 

was larger in the reactor without baffles runs compared to the reactor with baffles experiments, 

which verifies the elevated conversion. Furthermore, baffles led to agglomeration of colloidal 

particles as will be discussed afterward in this section. 

 

Table 5.1-1 Final particle numbers at different reactor conditions. 

 

 

 

 

 

 

 

 

 

Figure 5.1-2 shows the polymer mean nano particle size as a function of conversion at the 

different impeller speeds (20 , 100, 250, and 350 rpm) with and without baffles at the isothermal 

reactor temperature of (a) 50qC and (b) 60qC. 

Reactor 

Condition 
50˚C,  Baffled 50˚C,  Unbaffled 60˚C,  Baffled 60˚C,  Unbaffled 

Impeller speed 

(rpm) 
Particle Numbers in the Mixture 

20 8.78× 1015 1.09× 1016 1.6× 1016 2.3× 1016 

100 1.47× 1016 2.1× 1016 3.5× 1016 5.3× 1016 

250 3.15× 1016 3.9× 1016 4.6× 1016 6.2× 1016 

350 3.3× 1016 3.86× 1016 4.5× 1016 6.2× 1016 
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These data demonstrate that the nano particle size increased when the impeller speed was varied 

from 20 to 250 rpm. In other words, the emulsification and the distribution of the initiated 

radicals and particles were enhanced when the efficient mixing was generated with the elevation 

of the impeller speeds. Regardless of which particle nucleation mechanism predominates in the 

particle formation process, the amount of surfactant available for stabilizing particle nuclei 

controls the size of population of latex particles (Hansen and Ugelstad, 1978). The emulsifier or 

surfactant molecules required to stabilize these primary particles come from those dissolved in 

the continuous aqueous phase and those adsorbed on the emulsified monomer droplet surfaces 

(Chern, 2006). 

Generally, in emulsion polymerization, monomer can be transported to the growing latex 

particles by molecular diffusion from the continuous aqueous phase or by the shear induced 

collision between the monomer droplets and particles (Chern, 2006). Therefore, increase in the 

particle size with improvement in mixing from 20 rpm to 250 rpm can be attributed to both 

molecular diffusion and shear induced collision mechanisms. In the other hand, a further increase 

in the impeller speed (e.g. greater than 250 rpm) resulted in slight reduction of the nano particle 

diameters. As the surfactant concentration was constant in all runs at different mixing rates, the 

instability of emulsion at excessive stirring can only be due to collision of radicals and 

termination reaction inside the particles to stop the polymerization. Figure 5.1-2 (both plots) 

depict the thermal effect during the polymerization on the particle size profile. Larger nano 

particle  sizes  were  obtained  at  50˚C  while  the  baffles were installed. 

Raising  the  reaction  temperature  from  50˚C  to  60˚C  (Figure  5.1-2b) had an adverse effect on the 

particle sizes despite an elevation in conversion. 
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Figure 5.1-2 Mean particle size as a fucntion of time conversion at the speed of 20, 100, 250 and 
350 rpm, with and without baffles at the isothremal reaction temperature of  a) 50˚C   and  b)  
60˚C. 
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The reduction of the nano particle size with an increase in temperature has also been reported in 

literature (Fathi Roudsari et al., 2013, Faldi and Tirrell, 1994, Hansen and Ugelstad, 1978, 

Hansen and Ugelstad, 1979). The overall rate of polymerization increases with an increase in 

temperature. Temperature increases the rate by increasing both propagation rate constant and 

number of particles. The increase in the number of particles is due to the increased rate of radical 

generation at higher temperatures (Table 5.1-1). Opposing this trend is the small decrease in the 

concentration of monomer in the particles at higher temperatures. Hence, as it can be seen from 

Figure 5.1-2, the particle size was reduced at the elevated temperature. Figure 5.1-2 (both plots) 

also   shows   the   influence   of   the   baffles   on   the   particle   size   at   the   two   temperatures,   50˚C   and  

60˚C.   These   data   indicate   that   by   removing   the   baffles,   the   particle   size   became   smaller.  

Therefore, the presence of baffles enhanced the shear flow and consequently slightly larger 

polymer particles were produced due to agglomeration.  Another assumption is that removing the 

baffles resulted in the vortex flow and the growth of the particles slowed down due to the 

swirling and solid flow. It may be postulated that the monomer had less chance to be absorbed 

into the micelles or radical oligomers in the aqueous phase since the monomer transportation was 

limited due to vortex flow. Overall, it can be concluded that the largest particle size profile as a 

function of conversion was achieved at the lower temperature in a reactor equipped with the 

baffles.  

It has been reported (Ellis and Taylor, 1994) that during the course of isothermal polymerization 

(without monomer addition), the molecular weight decreases mildly due to the monomer 

depletion. Besides, according to some researchers (Cunningham et al., 2000), higher initial 

oxygen levels in the vapor space reduced the molecular weight and led to smaller latex particles. 

In this research, the influence of the impeller speed, reactor temperature, and the presence of 
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baffles on the average molecular weight as a function of conversion is plotted in Figure 5.1-3. 

Samples were taken at time intervals of 25, 75, and 130 min after the injection of the initiator 

into the reactor. As can be discerned in Figure 5.1-3 (both plots), the weight average molecular 

weight increased with a rise in the impeller rotational speed from 20 to 350 rpm for the first 

sample taken 25 minutes after the initiator injection.  

For the second and third samples taken from the reactor after 75 and 130 min, the increase in the 

weight average molecular weight was observed with an increase in the impeller speed up to 250 

rpm. However, further increase in the rotational speed, eventuated in a decrease in the molecular 

weight. Again, the interpretation is analogous to the particle size results as discussed for Figure 

5.1-2 and shows that better recirculation of the reaction mixture at higher agitation rates can 

improve the initiated radical distribution throughout the reactor, which led to an enhancement of 

the particle growth and therefore the molecular weight. In contrast, the instability of emulsion at 

vigorous stirring slowed down the growth of polymer particles at higher stages of polymerization 

reaction with lower molecular weights. Furthermore, an increase in the reaction temperature 

from  50˚C  to  60˚C  resulted  in  a  decrease  in  the  average  molecular  weight  of  the  sample  polymers  

as presented in Figure 5.1-3. As mentioned before, at higher temperature, the rate of propagation 

rate and number of particles are enhanced. In the other hand, it is likely that the transfer to 

monomer and polymer was increased due to the higher movement of chains inside the particles, 

and the depletion of monomer and growing radicals was also enhanced under the thermal effect. 

These phenomena might contribute to the reduction of the molecular weight. 

Profiles of the average molecular weight in the reactors with and without baffles are also 

depicted in Figure 5.1-3. 
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Figure 5.1-3 Average weight molecular weight as a fucntion of time conversion at the speed of 
20, 100, 250 and 350 rpm, with and without baffles at the isothremal reaction temperature of  a) 
50˚C  and  b)  60˚C. 
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It can be observed that the installation of the baffles resulted in the higher average molecular 

weights. As mentioned earlier, the use of the baffles eliminated the formation of the vortex in the 

reactor and converted it into an axial flow. From this data trend of polymer product with higher 

molecular weights we can postulate that when the vortex flow is eliminated in the reactor vessel, 

there is a higher probability of the monomer absorption into the micelles or into insoluble radical 

chains in the aqueous phase. According to literature (Mendoza Marin et al., 2006), the influence 

of baffles on the molecular weight distribution in an emulsion polymerization reactor equipped 

with the internal angular baffles was also investigated and the results showed that the use of 

baffles had only a marginal effect on the molecular weight distribution (Mendoza Marin et al., 

2006). Overall, the highest average molecular weight was achieved in the reactor with baffles at 

the  reaction  temperature  of  50˚C.  Figure  5.1-4 shows plots of the polydispersity of the polymer 

samples obtained in this study. These data show that the polydispersity increased with 

conversion. This trend was due to the growth of the polymer particles, which resulted in the 

production of the larger particles with time. Polydispersity of a polymer increases with the 

conversion as a consequence of chain branching reactions, transfer to polymer, and terminal 

double bond polymerization, which becomes more important as the polymer concentration 

increases (Asua, 2007). This explanation can be applied to our study as well. The only exception 

was observed in Figure 5.1-4a (100 rpm, without baffles), in which the second sample had a 

slightly higher PDI than the next sample (from 2.4 to 2.3), which was attributed to the sample 

preparation issues for the GPC analysis. A comparison between the data shown in Figure 5.1-4 

(both plots) reveals that the use of baffles resulted in a narrower molecular weight distribution.  

It can be implied that the molecular weight was better controlled by the use  
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Figure 5.1-4  Polydispersity of polymers as a fucntion of time conversion at the speed of 20, 
100, 250 and 350 rpm, with and without baffles at the isothremal reaction temperature of  a) 
50˚C  and  b)  60˚C. 
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of the baffles.  An increase in the temperature did not show a significant effect on PDI at the 

early stage of polymerization, but contributed to the higher polydispersity as the conversion was 

enhanced.  

In Figure 5.1-5, the conversion, mean particle size, and average molecular weight as a function 

of the impeller speed are separately plotted after 130 min for the reactors with and without 

baffles   at   60˚C.      In   Figure   5.1-5 (a, b and c), the conversion, mean particle size, and average 

molecular weight of the final latex samples were enhanced with an increase in the impeller speed 

due to better recirculation and better chance of reaction and emulsification. However, further 

raise in the agitation rate (greater than 250 rpm) resulted in instability of emulsion and lowered 

all the mentioned polymer qualities. Use of baffles in the reactor resulted in excessive shear flow 

and stagnation of monomer droplets on the surface of the reaction mixture. Furthermore, the 

wetted surface of baffles collected the monomer droplets and therefore the monomer conversion 

slightly decreased. Besides, installation of baffles in our experiment led to agglomeration of 

particles and increase in the mean particle size (Figure 5.1-5b). The average molecular weights 

as shown in Figure 5.1-5c had a slight decrease when the baffles were removed. We can assume 

that the swirling flow in the reactor without baffles limited the monomer transport to the growing 

particles and thus the molecular weight decreased. 

The volumetric size distribution of particles at the impeller speed of 250 rpm and the reaction 

temperature   of   60˚C   in   the   reactors  with   and  without   baffles   is   plotted   in  Figure   5.1-6. Three 

samples were taken at 25, 75, and 130 min after the initiator was injected into the reactor. The 

size distribution of the particles produced in both reactors with and without baffles drifted 

distinctly to the broader profiles as the reaction time progressed from 25 to 130 min.  
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Figure 5.1-5 Effect of impeller speed on a) conversion, b) mean particle size and c) average 
weight molecular weight after 130 min. 
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Besides, the effect of the baffle is clearly observed in this Figure as at each specified reaction 

time, the distribution curve measured for the reactor without baffles was wider than that for the 

reactor with baffles.  

 

Figure 5.1-6 Particle size distribution at  60˚C  and  the  impeller  speed  of  250  rpm,  reactors  with  
and without baffles. 
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propagate at a faster rate to form a larger particle. During stage II of the polymerization reaction, 

more polymer primary particles are formed by micellar and homogeneous nucleation. This 

increases the population of the small particles while the large particles receive more radicals and 

propagate at a rapid rate (Chern, 2006). This is an explanation as why the particle size 

distribution is broad in a conventional emulsion polymerization. Despite the occurrence of 

excessive shear flow  in our experiments due to use of baffles as already discussed, the vortex 

formation was minimized in the reactor with baffles, and therefore the possibility of having a 

more uniform reaction mixture increased. Thus, the size distribution of the particles yielded in 

the reactor with baffles was narrower than that produced in the reactor without baffles during the 

polymerization process. 

Figure 5.1-7 shows the refractive index (RI) response peaks extracted from GPC data for 250 

rpm in the   reactor   with   baffles   operated   at   60˚C.  We   showed   the   RI   signal   as   a   function   of  

elution volume (Mertoğlu,   2004) to confirm the change of molecular weight with increase in 

reaction time and conversion. The different molecular species are eluted from the GPC column 

in order of their molecular size (Rudin and Choi, 2012). Therefore, the larger molecules leave the 

column earlier than the smaller molecules. In Figure 5.1-7, the size exclusion chromatography 

traces of the polymer samples in THF exhibit the shift towards lower elution volumes with the 

increase in reaction time from 25 min to 75 and 130 min, with conversion of 39%, 72%, and 

79% respectively. This approves higher molecular weight due to growth of polymer particles in 

the reactor. Besides, the well-resolved unimodal peaks in the GPC chromatograms shows a 

uniform distribution in the molecular weight of polymer particles. 

Finally, Figure 5.1-8 demonstrates the scanning electron microscopy (SEM) images (Hitachi S-

2150) of the dried end product latex at different impeller speeds of 100, 250, and 350 rpm. 
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Figure 5.1-7 RI response of GPC analysis at  60˚C,  reactor  with  baffles  and  the  impeller  speed  of  
250 rpm. 
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250 rpm). The information obtained in this study can improve the existing emulsion 
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Figure 5.1-8 Scan Electron Microscopy images at 60˚C,   reactor  with   baffles   and   the   impeller  
speed of a) 100 rpm, b) 250 rpm and c) 350 rpm. 
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molecular weight, and particle size were investigated. It was found that the monomer conversion, 

particle size, and molecular weight were increased when the impeller speed was raised from 20 

to 250 rpm. However, further increase in the rotational speed (from 250 to 350 rpm) resulted in 

the reduction of the monomer conversion, particle size, and molecular weight of the polymer. 

Installation of the baffles decreased the monomer conversion particularly at 250 rpm, but the 

particle size and the molecular weight of the polymer produced in the reactor with baffles were 

slightly enhanced. Besides, the number of particles was higher for the reactor without baffles. 

However, installation of baffles led to the formation of the polymer with a narrower size 

distribution.  While   an   increase   in   the   reaction   temperature   from  50˚C   to   60˚C  had   an   adverse  

effect on the polymer particle sizes and molecular weights, the conversion of the monomer was 

improved  at  the  higher  temperature.  Also,  the  number  of  particles  was  higher  at  60˚C  compared  

to   that   at   50˚C.   The   highest   values   for   the   average particle size and molecular weight were 

observed  at  50˚C  and  the  reactor  with  baffles. 

An increase in the temperature did not result in the variation of PDI at the early stage of 

polymerization, but contributed to the higher PDI as the conversion enhanced. SEM images 

demonstrated that the polymer particles had more uniform shape and size distributions at the 

higher stirring rates (250 and 350 rpm) and the largest particle sizes were produced at 250 rpm. 

The finding of this study can be applied to improve the reactor design, to optimize the 

polymerization conditions, and to adjust the end product quality with the minor likeliness of 

adding the so-called reactive agents, which would be definitely reduces the environmental 

impact and the production cost. In the work, the effects of other mixing parameters such as the 

impeller type and the number of impellers are discussed in detail.  
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5.2 Impact of impeller type on MMA emulsion polymerization in a 

batch reactor (Fathi Roudsari et al., 2014b) 

5.2.1 Introduction 

In emulsion polymerization reactors, it is difficult to reproduce uniform mixing similar to that in 

small reactors. Hence, non-uniform mixing is a common source of variability in particle 

nucleation and particle size distribution. The size distribution influences the molecular weight 

distribution and polymer architecture, and consequently latex properties. For the progress in 

future commercial latex products, it is essential to develop a cost efficient method to control the 

polymer colloid properties as well as the polymer chemistry research. This study thoroughly 

discusses the effects of the stirring rate, type of impeller and single/double impellers on the 

monomer conversion, mean particle size, average molecular weight, and glass transition 

temperature. The experimental set up is a 2L PARR reactor as shown in Chapter 3 (Figure 3.1-1) 

and the experimental procedure are described in Section (3.2). The pitched blade and Rushton 

impellers (single and double) were utilized and the experimental design is shown in Table 3.4-3. 

 

5.2.2 Results and discussion 

Generally, the emulsification and nucleation govern the course of the process at the beginning of 

the polymerization.  The nucleation mechanism can be both micellar and homogenous nucleation 

for the partially soluble monomers (Hansen and Ugelstad, 1978; 1979a; 1979b; 1979c). The 

MMA solubility in water is known to be 1.5 g/100 mL (Asua, 2007). Hence, under the 

polymerization conditions (i.e. concentration of the initiator and the emulsifier) employed in this 
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study, the micellar mechanism prevailed and the homogeneous nucleation mechanism was 

negligible. 

Besides, the rate of polymerization is mainly due to the intrinsic reaction rates involved and the 

transport of monomer to the growing particles (Ohmura et al., 2005). The experiments were 

performed from low to high agitation rates at a fixed chemical recipe at isothermal reactor 

temperature, i.e. 60°C and baffles were installed in the reactor in all experiments.  Sampling was 

started 5 min after adding initiator at 5°C below the set point and a total of 13 samples were 

taken for each run.  The monomer conversion profiles versus time at different impeller speeds 

are shown for the single and double pitched-blade (Figure 5.2-1a) and Rushton (Figure 5.2-1b) 

impellers.  

In Figure 5.2-1a, the conversion was low at the impeller speed of 100 rpm with the use of single 

pitched impeller. On increasing the stirring rate to 250 rpm, the conversion reached its maximum 

value and further increase in agitation led to a reduction in the monomer conversion. The axial 

flow impellers produce a constant pumping action toward the bottom of the tank followed by 

circulation to the top and a relatively rapid return to the impeller zone (Holland and Chapman, 

1966; Spicer et al., 1996). The short circulation time produced by the axial flow impeller 

increases the frequency of exposure to the high intensity shear in the impeller zone, where 

turbulent energy dissipation rates are much larger than in the bulk zone (Spicer et al., 1996; Kim 

and Glasgow, 1987). The turbulent energy up to the speed of 250 rpm produced the optimum 

collision of reactants and homogeneity of bulk flow to reach to the maximum conversion. 
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Figure 5.2-1 Monomer conversion versus reaction time for a) pitched blade turbine and b) 
Rushton impeller at the  speeds of 100-350 rpm using both single and double impellers. 

  

0 20 40 60 80 100 120 1400

20

40

60

80

100

 Time [min]

C
on

ve
rs

io
n 

[%
]

 

 

Single Pitched blade, 100 rpm
Single Pitched blade, 250 rpm
Single Pitched blade, 350 rpm
Double Pitched blade, 100 rpm
Double Pitched blade, 250 rpm
Double Pitched blade, 350 rpm

0 20 40 60 80 100 120 1400

20

40

60

80

100

 Time [min]

C
on

ve
rs

io
n 

[%
]

 

 

Single Rushton, 100 rpm
Single Rushton, 250 rpm
Single Rushton, 350 rpm
Double Rushton, 100 rpm
Double Rushton, 250 rpm
Double Rushton, 350 rpm

a) 

b) 



Chapter 5: Results and Discussion                                                                                           108 

However, further increase in the impeller speed to 350 rpm caused a reduction in monomer 

conversion which can be due to the formation of vortices, instability and dead zones in the bulk 

mixture. Furthermore, in Figure 5.2-1a, the monomer conversion clearly increased at low 

impeller speed of 100 rpm when two pitched-blade impellers were employed. The conversion 

increase due to the use of double pitched-blade impellers compared to single one was less 

significant at higher impeller speeds of 250 rpm and 350 rpm. 

In general, multiple impellers are often employed to improve circulation and narrow the 

distribution of shear and energy dissipation by forming more circulation loops within the tank 

mixture (Paul et al., 2004). Therefore, more circulation loops at the impeller speed of 100 rpm 

helped form better homogeneity of the reaction mixture and improved nucleation mechanism and 

growth process and thus the conversion was increased. 

At higher impeller speeds of 250-350 rpm, the conversion enhancement with installation of two 

pitched-blade impellers was not very significant. Therefore, it can be concluded that the pumping 

action produced by single pitched-blade were strong enough to produce bulk homogeneity 

through the reaction mixture and use of double pitched-blade impellers only resulted in 

insignificant increment in conversion. Therefore, the limiting conversion even with the use of 

double pitched impeller should be sought in other factors which will be shortly discussed here.  

In Figure 5.2-1b, the monomer conversion at low impeller speed of 100 rpm was higher with the 

use of Rushton impeller compared to the pitched-blade turbine. Using Rushton impeller was 

more efficient at low impeller speed of 100 rpm. The Rushton impeller creates fluid flow 

directed radially outward of the impeller and produces two circulating loops one below and one 

above the impeller. Mixing occurs between the two loops but less intensely within each loop. 

With increase in the Rushton impeller speed the conversion was enhanced at 250 rpm and 350 
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rpm. However, the increase  in conversion was not very significant compared to the runs with the 

pitched-blade impeller. The radial fluid flow produced by the Rushton impeller mostly circulates 

into the region above the impeller. These recirculated fluid mixture then slowly return to the 

impeller zone. In contrast, the axial flow impeller produces a strong pumping action and a 

relatively rapid return to the impeller zone. Therefore, increase in the Rushton impeller speed 

majorly produced more shear near the impeller region and the conversion elevation can be 

attributed to this region at low impeller speed of 100 rpm. However, less mixture homogeneity 

was achieved by Rushton impeller due to insufficient pumping action. Besides, the use of double 

Rushton impellers as shown in Figure 5.2-1b was not so effective.  By employing  two Rushton 

impellers, more circulating loops are produced while mixing majorly occurs between the loops 

(Paul et al., 2004). Therefore, an enhancement of the monomer conversion was not very 

significant when using two Rushton impellers at different speeds. It must be mentioned that the 

computational fluid dynamics (CFD) analysis of the current experimental work was being 

conducted in the research lab to elucidate the homogeneity, turbulence and flow pattern 

throughout the reactor vessel.  

Figure 5.2-2 depicts the monomer conversion of the samples versus impeller speed for single and 

double pitched-blade and Rushton impellers, taken at the end of reaction time of 130 minutes. 

The variation of conversion with speed was more observed for the runs using the pitched-blade 

turbine rather than the Rushton impeller. Moreover, installation of two pitched-blade improved 

the conversion at low impeller speed of 100 rpm. The complete conversion could not be achieved 

in the experiments. It has often been noted (Soh and Sundberg, 1982) that polymerizations 

carried out at temperatures significantly below the glass transition temperature of the pure 

polymer do not appear to reach full conversion. Besides, the limiting conversions can be 
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attributed to the decreased initiator efficiency and decrease in the decomposition rate of the 

initiator at the isothermal reaction temperature (Faldi and Tirrell, 1994). Furthermore, in our 

study, the monomer was not purified as it was intended to resemble the actual industrial case. 

Therefore, all the mentioned reasons can be attributed to the limited conversion as observed in 

Figure 5.2-2. 

 

 

Figure 5.2-2 Final monomer conversion versus impeller speed at reaction time of 130 min for 
single/double pitched blade and Rushton impellers. 

 

The weight average molecular weight versus conversion at different impeller speeds are plotted 

for the single and double pitched-blade (Figure 5.2-3a) and Rushton (Figure 5.2-3b) impellers. 

The samples were taken at reaction times of 25, 75 and 130 min. 
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Figure 5.2-3  Weight average molecular weight versus monomer conversion for a) pitched blade 
turbine and b) Rushton impeller at the speeds of 100-350 rpm using both single and double 
impellers. 
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In Figure 5.2-3a, at low impeller speed of 100 rpm, the weight average molecular weight was 

low. It means that due to low pumping action of the pitched-blade impeller at low speed, the 

emulsification was not sufficient and therefore the polymerization reaction was not significant. 

When the stirring rate was raised, the maximum molecular weight (Mw) was achieved at the 

rotational speed of 250 rpm and further increase in the speed up to 350 rpm decreased Mw 

compared to the values at 250 rpm. Again, similar to the conversion-time profiles, the most 

efficient pumping action of the pitched-blade occurred at the speed of 250 rpm with the rapid 

return of fluid to the impeller zone (Holland and Chapman, 1966; Spicer et al., 1996). It can be 

concluded that at 250 rpm the homogeneity of the mixture was at its optimum when the pitched-

blade turbine was employed. Drop in the molecular weight at the pitched-blade speed of 350 rpm 

compared to 250 rpm are due to the instability and formation of vortices and dead zones in the 

bulk mixture at vigorous stirring rate. As mentioned earlier in this discussion, for MMA 

monomer, the nucleation mechanism can be considered micellar which means the growth of 

polymer chain can occur inside the micelles.  The emulsification and homogeneity of dispersion 

is very important in the final molecular weight of polymers as it raises the probability of 

absorption of monomer into the micelles.  In Figure 5.2-3a, with employment of two pitched-

blade impeller, the weight average molecular weight at low stirring rate of 100 rpm was 

significantly elevated. Use of the two pitched-blade impellers increased Mw at higher agitation 

rates of 250 and 350 rpm, but not as much as the increment seen at the low agitation rate of 100 

rpm. Again, similar to the conversion profile trends, it can be resulted that bulk homogeneity did 

not have much change with the use of double pitched-blade instead of single one at higher 

impeller speeds. 
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In Figure 5.2-3b, the weight average molecular weight was higher at the Rushton impeller speed 

of 100 rpm compared to the similar profile using the pitched-blade turbine. The radial flow near 

the impeller region created a relatively good shear at low speed of 100 rpm. With increment in 

the Rushton impeller speed, the weight average molecular weight was enhanced at 250 rpm and 

350 rpm due to formation of higher shear near the impeller region and the improved mixing 

between the two loops. However, the increase in Mw with variation of speed was not eloquent 

compared to the runs with the pitched-blade impeller. Powerful pumping of the axial flow 

impeller, i.e. the pitched-blade was more efficient at high impeller speeds to increase the growth 

rate of polymeric chain. Besides, the use of double Rushton impellers as shown in Figure 5.2-3b 

contributed to the increase in molecular weight, but it was trivial. Therefore, producing more 

circulating loops did not result in a drastic increase in molecular weight. According to the data 

depicted in Figure 5.2-3b, when the Rushton impeller was engaged, the slope of Mw versus 

conversion was decreased for conversions beyond 40%. However, the raise in molecular weight 

was still perceived after the 40% conversion with a very small slope. A polymer chain grows 

until a second radical enters into the polymer particle to terminate with the growing one. 

Therefore, the chain length is inversely proportional to the radical entry frequency. For a given 

initiator concentration, the frequency of radical entry decreases with the number of particles, 

therefore the molecular weight increases (Asua, 2007). Figure 5.2-3 shows that when the pitched 

impeller was used, the molecular weight gradient was greater at higher impeller speeds compared 

to those achieved with the Rushton impeller. It can be inferred that the entry of radicals into 

particle was less pronounced when the pitched impeller was used compared to that measured for 

the Rushton impeller.  
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Figure 5.2-4 shows the weight average molecular weight of the last polymer samples at the 

reaction time of 130 min versus impeller speed for both single and double of pitched-blade and 

Rushton impellers. The variation of Mw with the impeller speed is more pronounced when the 

pitched-blade turbine is employed.  The use of double impeller was more observed at low 

impeller speed of 100 rpm and for the pitched-blade impeller.   

 
Figure 5.2-4  Final weight average molecular weight versus impeller speed at reaction time of 
130 min for single/double pitched blade and Rushton impellers. 

 

Figure 5.2-5 shows plots of polydispersity (PDI) of the last polymer samples obtained by GPC 

analysis at the end of polymerization (i.e. the reaction time of 130 min) for both pitched-blade 

and Rushton impellers. 

The polymers produced in the reactor equipped with the Rushton impeller had a lower PDI 
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Figure 5.2-5  Final polymer poly dispersity versus impeller speed at reaction time of 130 min for 
single/double pitched blade and Rushton impellers. 
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Figure 5.2-6 depicts the data trend of the particles size profiles versus conversion at different 

impeller speeds for the single and double pitched-blade (Figure 5.2-6a) and Rushton (Figure 5.2-

6b) impellers. The samples were taken at reaction times of 5, 25, 75 and 130 min. 

In Figure 5.2-6, the trend of dependence of particle size on variation of speed was similar to the 

profiles of molecular weight. In Figure 5.2-6a, at the agitation rate of 100 rpm, the mean particle 

size was low.  Again it was attributed to weak pumping of fluid and poor emulsification at this 

stirring rate when the pitched-blade is used. The emulsifier or surfactant molecules required to 

stabilize the primary particles come from those dissolved in the continuous aqueous phase and 

those adsorbed on the emulsified monomer droplet surfaces (Chern, 2006). In Figure 5.2-6a, 

when the single pitched impeller was engaged, the larger particle size was observed at the 

agitation rate of 250 rpm compared to the single pitched impeller at the higher speed rate, i.e. 

350 rpm. 

The maximum particle size was observed at the agitation rate of 250 rpm rather than 350 rpm.  

At 250 rpm the strong pumping capacity increased bulk flow and incorporated more monomer 

for the top layer of the reaction mixture in the reactor vessel. In micro scale, agitation at 250 rpm 

increased the growth of polymer chains by diffusion of monomer in to the micelles. At the speed 

of 350 rpm, as discussed before, the excessive speed produced vortices that dropped the particle 

sizes. Also, employment of two pitched-blade impellers increased particle sizes at higher 

agitation rates of 250 and 350 rpm, but the increment seen at the low agitation rate of 100 rpm 

was more significant. In Figure 5.2-6b, the particle size was higher at the Rushton impeller speed 

of 100 rpm compared to the same speed using the pitched-blade turbine (Figure 5.2-6a). Again, 
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- 

Figure 5.2-6 Mean particle size versus monomer conversion for a) pitched blade turbine and b) 
Rushton impeller at the speeds of 100-350 rpm using both single and double impellers. 
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the relatively good mixing in the impeller region resulted in better growth of particles. However, 

increase in the particle size in higher speed of 250 and 350 rpm compared with the sizes in 100 

rpm was trivial.  The particle size changes from the beginning to the end of the experiment were 

more significant for the experiments performed with the pitched impeller. When Rushton 

impeller was employed the slope of the particle size versus conversion drastically decreased after 

20% conversion and the particles size reached a plateau after reaction times of 130 min. In 

contrast, with the use of the pitched impeller, the trend of the particle size profile showed a 

continuous increase with a raise in conversion. Therefore, the impact of impeller configuration 

on the trend of particle size is more eloquent when the pitched impeller is employed.  

Figure 5.2-7 shows the last mean polymer particle size versus impeller speed for both pitched-

blade and Rushton impellers (single and double) at reaction time of 130 minutes.  The highest 

particle size was seen at the pitched-blade impeller speed of 250 rpm and moreover, using two 

impellers at this agitation rate resulted in a considerable increase in the mean particle sizes. 

Nevertheless, by comparing the final weight average molecular weight of polymers in Figure 

5.2-4 with the final  mean particle size of samples in Figure 5.2-7, we notice while the elevation 

in particle size by double pitched-blade at 250 rpm was considerable (Figure 5.2-7), the gain  in 

molecular weight with double pitched-blade at 250 rpm was not very significant (Figure 5.2-4). 

Therefore, it is possible that agglomeration occurred at 250 rpm when double pitched impeller 

was employed. However, at higher speed, i.e. 350 rpm, there is no significant difference between 

single and double pitched impellers.  

Figure 5.2-8 shows the particle size distribution at the reaction time of 25, 75 and 130 min for the 

pitched-blade and Rushton turbine at the impeller speed of 250 rpm. With increase in reaction 

time, the particle size distribution became broader as a wide variety of polymer particles were 
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produced by both types of impellers. Using the Rushton impeller resulted in lower particle size 

compared to the pitched-blade turbine as discussed earlier. Nevertheless, with the Rushton 

impeller, the particle size distribution was narrower compared to that achieved using the pitched-

blade turbine.   

 
Figure 5.2-7 Final mean particle size versus impeller speed at reaction time of 130 min for 
single/double pitched blade and Rushton impellers. 
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to evaluate the width of the particle size distribution. This value for the measurement with the 

pitched impeller was 1.5, 0.7 and 1.0 for the impeller speed of 100, 250 and 350 rpm, which is 

interpreted as poorly sorted, moderately well sorted, and moderately sorted particle size 

 

 
Figure 5.2-8  Particle size distribution at reaction times of 25, 75 and 130 min using pitched 
blade impeller and Rushton turbine at the impeller speed of 250 rpm. 
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the pitched-blade and Rushton impellers at speeds of 100-350 rpm. The variation in glass 

temperature (Tg) values were recorded for the runs conducted using the pitched-blade turbine at 

82.65 ͦ C, 115.44 ͦ C and 103.35 ͦ C at  the impeller speeds of 100, 250 and 350 rpm respectively.  

The trend of gain in Tg up to 250 rpm and then decrease at the 350 rpm with the use of the 

pitched-blade turbine is similar to the trend of molecular weight as discussed earlier. However, 

the glass temperatures of PMMA samples produced by employing the Rushton turbine were less 

affected by the impeller speed variation. The glass temperature was recorded at 89.5 ͦ C, 96.06 ͦ C 

and 101.53 ͦ C at the impeller speeds of 100, 250 and 350 rpm respectively. The dependence of 

glass temperature with the average molecular has been reported in literature as well (Blanchard 

et al., 1974).  

 

Figure 5.2-9 Heat flow versus temperature for final polymer at the impeller speeds of 100-350 
rpm using pitched blade turbine and Rushton impeller. 
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A general linear model was performed using Minitab-16 to generate the analysis of variance 

(ANOVA) Tables for conversion, molecular weight and particle size, respectively. The p-value 

was used to judge whether F-statistics was large enough to indicate statistical significance. A p-

value lower than 0.05 indicates that the model is considered to be statistically significant 

(Tshukudu et al., 2013). Table 5.2-1 demonstrates that the impeller speed was a statistically 

significant factor for the conversion response while the impeller type, number of impellers, and 

interaction factors were insignificant.  

For the molecular weight response, according to Table 5.2-2, all factors and their interactions 

were insignificant. However, the re-analysis of the design revealed the significance of the 

impeller speed on the molecular weight response. Finally, according to Table 5.2-3, the impeller 

type and speed were statistically significant on the particle size response while their interaction 

factor was insignificant.  
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Table 5.2-1 ANOVA results for the final conversion response. 

 
 

  

Source 
Degrees 

of 
freedom 

Sequential 
sum of 
squares 

Adjusted 
sum of 
squares 

Adjusted 
mean 

square 
F -statistic P-value 

Impeller speed 2 511.629 511.629 255.815 32.36 0.030 
Impeller type 1 19.610 19.610 19.610 2.48 0.256 
Number of impellers 1 62.290 62.290 62.290 7.88 0.107 
Speed * Impeller type 2 94.989 94.989 47.495 6.01 0.143 
Speed * Number of impellers 2 18.009 18.009 9.005 1.14 0.467 
Impeller type * Number of impellers 1 9.470 9.470 9.470 1.20 0.388 

Error 2 15.809 15.809 7.905 
  

Total 11 731.806 
    

Standard deviation = 2.81152   R-Square=97.84%   R-Square(adjusted)= 88.12% 
Regression model:  
Conversion= 69.2217 – 9.222* (Impeller speed)-1.2783 *(Impeller type) -2.2783* (Number of impellers) -3.972 * 
(Impeller type)* (Impeller speed) -1.722 * (Impeller speed )*( Number of impellers) + 0.8883 * (Impeller type) * (Number 
of impellers) 
 After Re-analysis 

Source 
Degrees 

of 
freedom 

Sequential 
sum of 
squares 

Adjusted 
sum of 
squares 

Adjusted 
mean 

square 
F -statistic P-value 

Impeller speed 2 511.63 511.63 255.81 10.46 0.004 

Error 9 220.18 220.18 24.46 
  

Total 11 731.81 
    

Standard deviation = 4.94612   R-Square=69.91%    R-Square(adjusted)= 63.23% 
Regression model: Conversion= 55.9395 + 0.0569237 * (Impeller speed) 
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Table 5.2-2 ANOVA results for the final molecular weight response. 

 
 

  

Source 
Degrees 

of 
freedom 

Sequential 
sum of 
squares 

Adjusted 
sum of 
squares 

Adjusted 
mean 

square 
F -statistic P-value 

Impeller speed 2 3.4065e+11 3.4065e+11 1.7033e+11 14.72 0.064 
Impeller type 1 1.771e+10 1.771e+10 1.771e+10 1.53 0.342 
Number of impellers 1 3.424e+11 3.424e+11 3.424e+11 2.96 0.228 
Speed * Impeller type 2 1.6798e+11 1.6798e+11 8.399e+10 7.26 0.121 
Speed * Number of impellers 2 2.018e+10 2.018e+10 1.009e+10 0.87 0.534 
Impeller type * Number of impellers 1 1.756e+10 1.756e+10 1.756e+10 1.52 0.343 

Error 2 2.314e+10 2.314e+10     115.7   
Total 11 6.2146e+11     
Standard deviation = 107572 R-Square=96.28%   R-Square(adjusted)= 79.52% 
Regression model: 
Molecular weight = 769917 - 225167* (Impeller speed) +38417*(Impeller type) +53417 * (Number of impellers) +146583  * 
(Impeller type)*( Impeller speed) +56833 * (Impeller speed) *( Number of impellers) + 38250 * (Impeller type) * (Number of 
impellers) 

After Re-analysis 

Source 
Degrees 

of 
freedom 

Sequential 
sum of 
squares 

Adjusted 
sum of 
squares 

Adjusted 
mean 

square 
F -statistic P-value 

Impeller speed 2 3.40650e+11 3.40650e+11 1.70325e+11 5.46 0.028 

Error 9 2.80811e+11 2.80811e+11 3.1201e+11   

Total 11 6.21461e+11 
    

Standard deviation = 176639    R-Square=54.81%     R-Square(adjusted)= 44.77% 
Regression model:  
Molecular weight = 769917-225167* (Impeller speed) 
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Table 5.2-3 ANOVA results for the final particle size response. 

 
 

 
 
 
 
 
 

 

Source 
Degrees 

of 
freedom 

Sequential 
sum of 
squares 

Adjusted 
sum of 
squares 

Adjusted 
mean 

square 
F -statistic P-value 

Impeller speed 2 89.542 89.542 44.771 35.23 0.028 
Impeller type 1 414.188 414.188 414.188 325.92 0.003 
Number of impellers 1 13.021 13.021 13.021 10.25 0.085 
Speed * Impeller type 2 24.875 24.875 12.438 9.79 0.093 
Speed * Number of impellers 2 4.542 4.542 2.271 1.79 0.359 
Impeller Type * Number of impellers 1 0.521 0.521 0.521 0.41 0.588 

Error 2 2.542 2.542 1.271 
  

Total 11 549.229 
    

Standard deviation = 1.12731    R-Square=99.54%    R-Square(adjusted)= 97.45% 
Regression model:  
Particle size= 101.708 – 3.5833 * (Impeller speed)+ 5.8750 *(Impeller type) + 1.0417 * (Number of impellers) - 0.2500 * 
(Impeller type)*( Impeller speed) -1.722*(Impeller speed)*( Number of impellers)   
+  0.8883* (Impeller type )* ( Number of impellers)  
 After Re-analysis 

Source 
Degrees 

of 
freedom 

Sequential 
sum of 
squares 

Adjusted 
sum of 
squares 

Adjusted 
mean 

square 
F -statistic P-value 

Impeller type 1 414.19 414.19 414.19 120.49 0.000 
Impeller speed 2 89.54 89.54 44.77 13.02 0.007 
Impeller Type*Impeller speed    2 24.88    24.88    12.44 3.62 0.093 

Error 6 20.63 20.63 3.44 
  

Total 11 549.23 
    

Standard deviation = 1.85405 R-Square=96.24%   R-Square(adjusted)= 93.12% 
Regression model: 
Particle size= 101.708+ 5.8750*(Impeller type) – 3.5833*(Impeller speed) + 1.8750* (Impeller type)*(Impeller speed) 
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Finally, Figure 5.2-10 shows the scanning electron microscopy (SEM) image (Model: Hitachi 

SU8000) of the dried end product latex which was obtained at the Rushton turbine speed of 250 

rpm.  

 

 

 

Figure 5.2-10 SEM image of final polymer product using Rushton turbine at impeller speed 250 
rpm.  

 

This image shows the size and shape distributions of the dried polymer particles. The 

information obtained in this study has combined the mixing phenomena with polymer chemistry 

to progress the emulsion polymerization process to a point where industrial applications such as 

scale up and reactor design are much more feasible. The computational fluid dynamics (CFD) 

modeling in the research lab were utilized to study the details of mixing such as shear forces, 

turbulence, and flow pattern within the reaction mixture.  
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5.2.3 Concluding remarks 

Emulsion polymerization of MMA was carried out in a 2L lab reactor equipment with two 

different impeller types, a six pitched-blade and Rushton impeller. The effects of number of 

impellers, speed, and type of impellers on MMA conversion, molecular weight, particle size and 

glass temperature were investigated. Stirring rate was varied from 100 to 350 rpm and single or 

double impeller were mounted on the shaft. Using the pitched-blade turbine reduced the 

monomer conversion, Mw, mean particle size and glass temperature at low agitation rate of 100 

rpm.  The maximum monomer conversion, Mw, mean particle size and glass temperature values 

were obtained at 250 rpm and further increase in speed, declined the mentioned properties. 

Using the Rushton impeller showed relatively higher values for conversion, Mw , particle size 

and glass temperature compared to the values obtained using the pitched-blade turbine at 100 

rpm; however, the increase in the mentioned properties with the elevation of impeller speed was 

less significant than the gain obtained using the pitched-blade turbine.  

With employment of two pitched-blade impeller, the monomer conversion, Mw and particle size 

at low stirring rate of 100 rpm were elevated compared to values obtained using single pitched-

blade impeller. However, at higher agitation rates, the increments were insignificant. 

Employment of double Rushton impellers was not so effective in increasing the monomer 

conversion, Mw and particle size. Using Rushton impeller resulted in the narrower molecular 

weight and particle size distribution compared to the pitched-blade turbine.  

The finding of the current study has the potential to contribute to the development of the novel 

polymerization processes where the adjustment of polymer characteristics can be obtained by 

suitable configuration design.  
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5.3 Analysis of mixing in emulsion polymerization of MMA 

5.3.1 Introduction  

The thorough literature review revealed that little effort has been devoted to the estimation of the 

particle size distribution by incorporating the nucleation and growth phenomena for emulsion 

polymerization conducted in a stirred tank reactor through the coupling scheme between CFD 

and the population balance. According to comprehensive literature review, no attempt has been 

made to include the chemical reaction kinetics to the population balance through the nucleation 

and growth rates while taking into account the velocity gradients generated by the impeller 

rotation inside the emulsion polymerization reactor. Thus, the core objective of this study is to 

couple the turbulent flow generated by the impeller in a lab-scale MMA emulsion 

polymerization with the transport species equations, population balance with the nucleation and 

growth rates, and reaction kinetics. One of the important computational issues is the solution 

method of the transport equations coupled with the turbulence, reaction kinetics, and population 

balance equations, which can be sequential or simultaneous solution. In sequential technique, 

first the velocity flow field and the turbulence model parameters are calculated and then 

population balance equations are solved. On the other hand, in simultaneous solution approach, 

all the equations are solved at the same time. The accuracy of the obtained results is definitely 

influenced by the solution method. In this study, the simultaneous solution approach is employed 

to enhance the accuracy of the simulation results. Another significant issue is using the parallel 

computation. In order to calculate the particle size distribution, rather than obtaining only the 

mean diameter, the parallel computation is utilized in this study to reduce the extensive 

computational time and cost. The experimental data as described in Chapter 5, Sections 5.1 and 

5.2 are also utilized for the model validation. The validated model is then employed to explore 
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the effects of baffles, impeller speed and type on the particle size distribution (number density), 

conversion, and polymer particle size. 

5.3.2 Results and discussion  

The CFD model developed in this study was employed to explore the effects of the stirring rate, 

baffles, and impeller type on the monomer conversion, polymer phase volume fraction, the mean 

particle size, and the number density of particles. Since the population balance equations for all 

bins (classes) were solved simultaneously with transport equations for two phases along with the 

turbulence equations for kturb and εturb and volume fraction continuity of the second phase, the 

number of bins (classes) was limited to seven and satisfactory results were obtained. According 

to the literature, sufficient number of classes should be used to minimize the discretization errors 

Fathi Roudsari et al., 2012; Laakkonen et al., 2007). To validate the CFD model, the computed 

monomer conversion, the mean particle size, and the number density for different impeller 

speeds and impeller types in the reactors with and without baffles were compared to the 

experimental data (Fathi Roudsari et al., 2014a and 2014b).The first part presents the effect of 

the impeller speed and baffles on conversion, number density, and particle size when the reactor 

was equipped with a pitched blade impeller. In the second part of the discussion, the impact of 

the impeller type on the mentioned latex properties is debated. It should be mentioned that the 

complete conversion was not achieved in the experiments. It has often been noted (Soh and 

Sundberg, 1982) that polymerizations carried out at temperatures significantly below the glass 

transition temperature of the pure polymer do not appear to reach full conversion. Besides, the 

limiting conversions can be attributed to the reduction in the initiator efficiency and a decrease in 

the decomposition rate of the initiator at the isothermal condition (Faldi and Tirrell, 1994).  
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Furthermore, in this study, the monomer was not purified as it was intended to resemble the 

actual industrial case.  

Effect of the impeller speed and baffles: 

Fig. 5.3-1 shows profiles of  monomer conversion as a function of the impeller speed at reaction 

time   of   130  min   for   the   pitched   blade   impeller   at   60˚C   and   for   the   reactors  with   baffles   and  

without baffles. Experimental data are presented by white symbols and the CFD predictions by 

black symbols. The trends of the CFD simulations are shown by dotted lines. The un-reacted 

mass fraction of monomer specie was monitored during each simulation until it reached to a 

constant value. The monomer conversion was then calculated by dividing the mass of reacted 

monomer to the mass of initial monomer in the reactor.  

Generally, at higher impeller speeds, the mixing of the reaction mixture is improved and the 

probability of the reaction between reactants and thus the rate of polymerization is enhanced 

(Fathi Roudsari et al., 2013, 2014a and 2014b). Besides, the initiator performance improves as 

the result of the improved recirculation achieved at the higher impeller speed within the reactor. 

As can be seen in Figure 5.3-1, the conversion was elevated by increasing the rotational speed of 

the pitched blade impeller from 20 to 250 rpm, however, in both reactors with and without 

baffles, the conversion was decreased at the impeller speed greater than 250 rpm. This trend was 

the same for both CFD and experimental work. The vigorous stirring at 350 rpm induced 

instability in emulsion on the emulsion mass, which led to a decrease in conversion when the 

rotational speed was increased from 250 to 350 rpm.   

Besides, as depicted in Figure 5.3-1, the use of baffles decreased the conversion by about 7% at 

100 rpm, 9% at 250 rpm, and by about 2-3% at 20 rpm and 350 rpm. According to the CFD 

results, the use of baffles decreased the conversion by about 7% at 250 rpm, 10% at 100 rpm, 5% 
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Figure 5.3-1 Monomer conversion versus impeller speed at the reaction time of 130 min for the 
pitched blade impeller and the reactors with baffles and without baffles. 

 

at 350 rpm, and 2% at 20 rpm. The maximum reduction in conversion was 9% in the experiment 

and 10% in the CFD modeling. The decrease in conversion when the baffles were installed in the 

reactor can be due to the accumulation of monomer droplets behind the baffle surface since the 

baffles were attached to the reactor tank wall due to the restriction of available space inside the 

reactor. Figure 5.3-2 depicts the primary phase mixture volume fraction which is comprised of 

the mixture of monomer and water on the top surface in the reactor with and without baffles. It 

can be seen that the volume fraction of the primary phase behind the three of baffles (Figure 5.3-

2a) was relatively higher than other regions. Besides, behind the fourth baffle, the volume 

fraction of monomer was very low which indicates a higher volume fraction of polymer behind 
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this baffle. In contrast, in the reactor without baffles (Figure 5.3-2b), there is no accumulation of 

any of the two phases near the tank wall. This un-reacted monomer can be a reason for a lower 

conversion when the baffles were installed. 

 

 

 

 

 Figure 5.3-2 Contours of the first phase volume fraction on the top surface in the reactor 
equipped with the pitched blade impeller rotating at 250 rpm: a) with baffles and b) without 
baffles. 

 

In Figure 5.3-3 and Figure 5.3-4, the number density of particles computed through the CFD 

model at seven bin sizes are depicted for the reactors equipped with a pitched blade impeller with 

and without baffles, respectively. At the low impeller speed of 20 rpm, the number densities in 

all bin sizes were low. With an increase in the impeller speed to 100, 250, and 350 rpm, the 

number densities were enhanced. The highest number density was obtained at the bin size of 112 

nm (bin 4) at the impeller speed of 350 rpm. Furthermore, the number densities calculated using 

a) b) 
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the CFD model for the reactor without the baffles (Figure 5.3-4) were higher than those obtained 

for the reactor with baffles (Figure 5.3-3) as a result of a higher monomer conversion. As 

previously discussed, the conversion was lower in the reactor with baffles due to the collection of 

monomer behind the baffles. Figure 5.3-5 shows the  mean particle size as a function of the 

impeller   speed   at   reaction   time  of   130  min   for   the   pitched  blade   impeller   at   60˚C   and   for   the  

reactors with baffles and without baffles. Experimental data are presented by white symbols and 

the CFD predictions by black symbols. The trends of the CFD simulations are shown using the 

dotted lines. The moments obtained by population balance modeling can be calculated after the 

convergence was achieved in simulations. 

 

Figure 5.3-3  Number density distribution of particles computed through the CFD model for the 
pitched blade impeller in the reactor with the baffles at the rotational speeds of 20,  100, 250, and 
350 rpm. 
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 Figure 5.3-4 Number density distribution of particles computed through the CFD model for the 
pitched blade impeller in the reactor without baffles at the rotational speeds of 20, 100, 250, and 
350 rpm. 

 

In the CFD modeling, the mean Sauter particle size was calculated by dividing the third moment 

to the second moment calculated through the CFD model for each simulation. The equation used 

for the calculation of the mean Sauter particle size D32 is as follows (Ansys Inc, 2010): 
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D  (5.3-1) 

Dk is the polymer particle diameter size in bin (class) k and kn c  is the number of particles (number 

density) in bin (class) k.  
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In emulsion polymerization, monomer can be transported to the growing latex particles by 

molecular diffusion from the continuous aqueous phase or by the shear induced collision 

between the monomer droplets and particles (Chern, 2006). Therefore, the particle size 

enlargement observed as a result of an improvement in mixing quality achieved with an increase 

in the impeller speed from 20 rpm to 250 rpm can be attributed to both molecular diffusion and 

shear induced collision mechanisms. On the other hand, a further increase in the impeller speed 

(e.g. greater than 250 rpm) resulted in a slight reduction in the particle diameters. As the 

surfactant concentration was constant in all runs at different mixing rates, the instability of 

emulsion at excessive stirring can only be due to the collision of radicals and termination 

reaction inside the particles, which resulted in ending the polymerization.  

Generally, using the baffles increases the axial velocity component that promotes the fluid 

circulation and reduces the tangential or swirl velocity (Paul et al., 2004). Figure 5.3-6 depicts 

the contours of axial velocity at the impeller speed of 350 rpm in the reactors with baffles and 

without baffles.  By comparing the contours of axial velocities in Figure 5.3-6a and Figure 5.3-

6b, the difference in the flow patterns inside the reactor with and without baffles is clearly 

observed which in turn influences the shear rates. Table 5.3-1 shows the volume average shear 

rates for different reactor configurations in the CFD modeling. The shear rates in the reactor with 

baffles were higher especially in the bulk region. Therefore, although the conversion was lower 

in the reactor with baffles, the higher shear in the bulk region resulted in slightly higher particle 

size that was due to the agglomeration and coalescence of nucleated polymer particles. In other 

words, the emulsion polymerization mixture was sensitive to the shear produced especially in the 

bulk region. 
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Figure 5.3-5 Sauter mean particle size versus impeller speed at the reaction time of 130 min for 
the pitched blade impeller and the reactors with baffles and without baffles. 

 

 Table 5.3-1 Volume average shear rates computed using the CFD model for the different reactor 
configurations. 
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configuration 

20 rpm 100 rpm 250 rpm 350 rpm 

Impeller 
region Bulk region Impeller 

region Bulk region Impeller 
region 

Bulk 
region 

Impeller 
region Bulk region 

Pitched blade 
impeller with baffles 5.3×10-4 6.0×10-5 2.6×10-2 1.8×10-3 1.9×10-1 1.2×10-1 2.6×10-1 1.8×10-1 

Pitched blade 
impeller without 

baffles 
2.2×10-4 1.0×10-5 8.5×10-3 9.8×10-4 1.6×10-1 9.1×10-2 2.4×10-1 1.5×10-1 

Rushton impeller 

with baffles 
[-] [-] 1.5×10-1 2.6×10-4 3.4×10-1 7.8×10-3 5.6×10-1 1.23×10-2 
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Figure 5.3-6 Contours of axial velocity of mixture (m/s) generated by the pitched blade impeller 
at the impeller speed of 350 rpm in the reactor a) with baffles and b) without baffles. 
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Effect of the impeller type: 

In the second part of the discussion, the effect of impeller type is studied on the conversion, and 

number density distribution and mean particle size. For better elucidation of the results, the 

volume average shear rates in the impeller and bulk region and also the flow numbers are 

compared for the two types of impellers used in this study.  

Generally, the radial fluid flow produced by the Rushton impeller mostly circulates into the 

region above and below the impeller (Paul et al., 2004). The re-circulated fluid mixture then 

slowly returns to the impeller zone. In contrast, the axial fluid flow generated by the pitched 

blade produces a strong pumping action and a relatively rapid return to the impeller zone. This 

affects the flow number which measures impeller ability to generate convective flow. The higher 

the flow number, the higher the connective flow generated by the impeller (Pakzad et al., 2008; 

Saeed et al., 2008). 

Flow number is obtained using this equation: 

 3ND
Q

Fl   
(5.3-2) 

where Q is the impeller pumping flow rate, N is the impeller speed, and D is the impeller 

diameter. The flow numbers were obtained through the CFD model for the Rushton impeller 

using the radial velocity profiles calculated at an area surrounding the impeller with a height 

equal to that of the impeller blade and a diameter equal to the impeller diameter at the blade tip 

(Pakzad et al., 2008) and for the pitched blade impeller using the axial velocity profiles 

calculated at a plane exactly below the impeller blades (Saeed et al., 2008). The flow numbers 

calculated using the CFD model for the pitched blade and Rushton impeller are listed in Table 

5.3-2. The calculated flow numbers were smaller for the Rushton impeller compared to the 
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pitched blade at different impeller speeds. The convective flow generated as a result of a higher 

flow number improves the reactant to react and thus the rate of polymerization is enhanced. 

 

Table 5.3-2 Flow numbers computed using the CFD model for the pitched blade and the 
Rushton impellers at different impeller speeds in the reactors equipped with the baffles. 

Impeller type Impeller speed (rpm) Flow number 

Pitched blade impeller 

100 0.654 

250 0.663 

350 0.688 

Rusthon impeller 

100 0.615 

250 0.621 

350 0.627 

 

Figure 5.3-7 compares the profiles of  monomer conversion as a function of the impeller speed at 

reaction   time  of  130  min   for   the  pitched  blade  and  Rushton   impellers   at   60˚C   for   the   reactors  

equipped with baffles. Experimental data are presented by white symbols and the CFD 

predictions by black symbols. The trends of the CFD simulations are shown using the dotted 

lines. As can be seen in Fig. 9, with the elevation of the Rushton impeller speed from 100 rpm to 

250 rpm and then to 350 rpm, the conversion was increased and no reduction in conversion at 

high agitation rates was observed. In other words, replacement of the pitched blade impeller with 

the Rushton impeller increased the conversion obtained by experiments by about 6% at 100 rpm 

and 2% at 350 rpm, but resulted in a lower conversion of about 10 % at 250 rpm. According to 

the CFD results, the installation of the Rushton impeller increased the conversion by about 8% at 

100 rpm and 2% at 350 rpm, and reduced the conversion by about 16% at 250 rpm. 

According to the literature (Paul et al., 2004), the Rushton impeller creates fluid flow directed 

radially outward of the impeller and produces two circulating loops one below and one above the 
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impeller. Mixing occurs between the loops but less intensely within each loop. The volume 

average shear rates listed in Table 3 reveals that the shear rates obtained in the reactor equipped 

with the Rushton turbine were higher in the impeller region but smaller in the bulk region 

compared to the pitched blade impeller at different agitation rates. 

 

Figure 5.3-7 Monomer conversion versus impeller speed at the reaction time of 130 min for the 
pitched blade and the Rushton impellers in the reactor with baffles. 

 

 

At the lower impeller speeds, i.e. 100 rpm, the shear rate in the Rushton impeller region resulted 

in better mixing and collision of reactants and diffusion of monomer to micelles, which resulted 

in a higher conversion compared to that obtained using the pitched blade impeller. However, by 

increasing the impeller speed to 250 rpm, although the shear was higher in the impeller region 

when the Rushton was used, yet the enhanced pumping action of the pitched blade resulted in a 
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higher conversion compared to the Rushton impeller. As mentioned earlier with the use of the 

pitched blade impeller, further increase in the agitation speed up to 350 rpm, resulted in the 

instability of emulsion due to a higher shear rate in the bulk region, which led to the reduction in 

conversion. However, the improved mixing in the Rushton impeller region and a lower shear rate 

in the bulk region produced a slightly higher conversion value at 350 rpm. 

The number densities obtained using the Rushton impeller is shown in Figure 5.3-8. The values 

at the impeller speeds of 100 to 350 rpm were higher compared to the number densities 

calculated in the reactor equipped with the pitched blade impeller (Figure 5.3-3). Monomer 

conversion was higher at the speed of 100 and 350 rpm when the Rushton impeller was used 

compared to the pitched blade impeller. Therefore, the nucleation was higher at these two 

agitation rates and resulted in the higher number densities. Besides, at 250 rpm, although the 

conversion was higher with the use of the pitched blade impeller rather than the Rushton 

impeller, enhanced values of number density was obtained. The reason can be due to the smaller 

particle sizes formed when the Rushton impeller was utilized at 250 rpm. In other words, as a 

result of the lower shear rates in the bulk region at the different impeller speeds (Table 5.3-1), 

the agglomeration of particles were limited and thus the higher number densities were obtained 

with the use of Rushton impeller which is being discussed afterwards. 

Figure 5.3-9 compares the profiles of  the particle size as a function of the impeller speed at the 

reaction   time   of   130  min   for   the   pitched   blade   and  Rushton   impellers   at   60˚C   in   the   reactors  

equipped with baffles. Experimental data are presented by white symbols and the CFD 

predictions by black symbols. The trends of the CFD simulations are shown by dotted lines.  
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 Figure 5.3-8 Number density distriubtion of particles computed through the CFD model for the 
Rushton impeller at the speed of 100, 250, and 350 rpm in the reactor with baffles. 

 

The particle size values obtained through both experiment and CFD modeling for the Rushton 

impeller were smaller compared to those achieved for the pitched blade impeller since the 

number densities were higher with the Rushton impeller at all impeller speeds. At the impeller 

speeds of 100 rpm and 350 rpm, the conversion was higher with the use of the Rushton 

compared to the pitched blade impeller. Therefore, the available un-reacted monomer was 

limited for the growth of particles and consequently the particle sizes were reduced with the use 

of the Rushton impeller as shown in Figure 5.3-9.  
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 Figure 5.3-9 Sauter mean particle size versus impeller speed at the reaction time of 130 min for 
the pitched blade and the Rushton impellers in the reactor with baffles. 

 

Besides, at all the impeller speeds of 100-350 rpm, the smaller particle size obtained in the 

reactor equipped with the Rushton impeller was as a result of the slighter agglomeration of 

polymer particles due to a smaller average shear rate in the bulk region compared to the values 

achieved by using the pitched blade impeller according to Table 5.3-1. 

Finally, Figure 5.3-10 depicts the contours of polymer volume fraction in the reactor equipped 

with the pitched blade and Rushton impellers at the speed of 250 rpm. The polymer volume 

fraction was better distributed within the tank domain when the pitched blade was used due to 

improved flow capacity and recirculation of reagents in the reaction mixture. The higher flow 

number for the pitched blade impeller compared to that for the Rushton impeller (see Table 5.3-

2) confirms this presumption. 
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The novelty of this research in the aspect of CFD modeling was incorporation of chemical 

reaction kinetics to the population balance through nucleation and growth rates while including 

the velocity gradients in the mixing emulsion polymerization reactor tank domain.  

In this study detail of mixing such as shear rate in the impeller/bulk region, flow number, particle 

size, conversion and number density within the reaction mixture was studied. 

The information of this research can be used for the progress the emulsion polymerization 

process in industrial application such as scale up and reactor design. Furthermore, the effect of 

design parameters and operating conditions on the performance of emulsion polymerization 

systems and particle nucleation and growth can be used to determine the heat and mass transfer 

rates. 

5.3.3 Concluding Remarks  

A novel CFD model was developed in this study to explore the effect of mixing on emulsion 

polymerization of MMA. In this model, the chemical reaction kinetics, population balance 

through nucleation and growth rates, and the velocity gradients generated by the impeller 

rotation were coupled together. The reactor model was comprised of continuity equation, three 

momentum equations for the velocity components for the mixture of two phases, two k and ε  

turbulence equations, one species continuity equation for the monomer specie in the primary 

phase, seven equations for the bin fractions of the secondary phase and the continuity volume 

fraction equation for the secondary phase. The simultaneous solution approach was employed 

instead of the sequential approach to enhance the accuracy of the simulation results. In order to 

calculate the particle size distribution, rather than obtaining only the mean diameter, the parallel 

computation with 36 dual cores was utilized to reduce the extensive computational time and cost.  
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 Figure 5.3-10 Contours of the second phase volume fraction in the reactor equipped with the 
baffles at the speed of 250 rpm for the: a) Rushton impeller and b) pitched blade impeller.  

 

To validate the CFD model, the computed monomer conversion, the mean particle size, and the 

number density for different impeller speeds and impeller types in the reactors with and without 

baffles were compared successfully to the experimental data.  

The validated CFD model was then employed to investigate the effects of the impeller speed, 

impeller type, and baffles on MMA conversion, particle size, and number density distribution of 

polymer particles. With the use of the pitched blade impeller, the vigorous stirring at 350 rpm 

induced instability in emulsion by excessive shear rate on the emulsion mass.  Besides, the 

conversion was decreased when the baffles were installed in the reactor due to the accumulation 

a) b) 
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of monomer droplets behind the baffles. The particle sizes generated in the reactor equipped with 

the baffles were larger due to the higher shear rates in the bulk region compared to those 

obtained in the reactor without the baffles.  

At the lower impeller speeds, i.e. 100 rpm, the shear rate in the Rushton impeller region resulted 

in better mixing and collision of reactants and diffusion of monomer to micelles, which resulted 

in a higher conversion compared to that obtained using the pitched blade impeller. However, by 

increasing the impeller speed to 250 rpm, although the shear was higher in the impeller region 

when the Rushton was used, yet the enhanced pumping action of the the pitched blade resulted in 

a higher conversion compared to the Rushton impeller. However, the improved mixing in the 

Rushton impeller region and a lower shear rate in the bulk region produced a slightly higher 

conversion value at 350 rpm. 

The number densities of particles were higher when the baffles were removed. Furthermore, he 

number densities achieved using the Rushton impeller were higher compared to those for the 

pitched blade impeller in the reactor with the baffles. Finally, the distribution of polymer volume 

fraction within the reactor equipped with the pitched blade impeller was more uniform than that 

for the Rushton impeller due to a better circulation and higher flow number. 

The novel CFD model developed in this study enables us to explore the effects of the design 

parameters and operating conditions on emulsion polymerization. This information can be used 

to optimize the design of the reactors utilized for emulsion polymerization. The target of future 

work is to incorporate the break up and coalescence phenomena in the CFD modeling to 

elucidate the particle size changes.  
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5.4 CFD modeling of the mixing of water in oil Emulsions (Fathi 

Roudsari et al., 2012) 

5.4.1 Introduction 

Quite a number of studies have focused on the modeling of the droplet size distribution in an 

emulsion of water and oil. Nevertheless, the prediction of the particle sizes in an inhomogeneous 

flow, where the flow velocity is changing spatially in magnitude and direction and with time, is 

not yet well recognized. In this study, the development of a CFD model, based on the population 

balance for a water-in-oil emulsion system is discussed. All the equations are described in 

Chapter 4 (Equation 4.2-1 to Equation 4.2-17). The model was validated with the experimental 

data reported in the literature (Boxall et al., 2010). The validated model was then employed to 

explore the effect of the impeller speed, oil viscosity, and volume fraction of water on the 

cumulative probability size distribution, number density, and distribution of water volume 

fraction. The schematic diagram of the emulsion cell and the geometry grid are shown in Figures 

4.2-1 and 4.2-2. 

Since the population balance equations for all bins (classes) were solved simultaneously with 

transport equations for two phases along with the turbulence equations for k and ε, the number of 

bins (classes) was limited to 7 and satisfactory results were obtained. According to literature, 

sufficient number of classes should be used to minimize the discretization errors (Laakkonen et 

al., 2007). Table 4.2-2 in chapter 4 shows the diameter of the drop sizes used in discrete model.  

To validate the CFD model, the computed droplet size distributions at different impeller speeds 

were compared to the experimental data reported by Boxall et al. (2010).  
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5.4.2 Results and discussion 

Generally, according to literature (Stamatoudis and Tavlarides, 2007, Vankova et al., 2007), for 

the emulsification process in turbulent flow, two different regimes of emulsification should be 

specified,  which  are  termed  “turbulent  inertial”  and  “turbulent viscous”  regimes,  respectively.  In  

the turbulent inertial regime, the drops are larger in diameter than the smallest turbulent eddies in 

the continuous phase, whereas in the turbulent viscous regime the drop diameter is smaller than 

the size of the smallest eddies. Stamatoudis and Tavlarides (2007) reported that for a system of 

low continuous phase viscosity or high rotational speed, turbulent eddies are predominant in the 

vessel and provide the energy required for breakage. However, as the viscosity of the continuous 

phase is increased and the rotational speed is decreased, the turbulent eddies diminish, and shear 

forces become more important.  

Figure 5.4-1 depicts the cumulative probability drop size distribution of 15 v/v% water in Conroe 

oil emulsion as a function of impeller speed. It can be seen that as the impeller speed was 

increased, the water droplet size was reduced from the range of 85-280 μm at 300 rpm to the 

range of 50-210 μm at 400 rpm and 25-130 μm at 600 rpm, respectively.  

In fact, the drop breakage is the prevailing process at the higher impeller speed. Under these 

conditions, an increase in the external inertial stress arising from the turbulent pressure 

fluctuations leads to a destabilization of the drops, consequently, the maximum drop size reduces 

and the entire drop size distribution shifts towards the smaller drop sizes. The similar decrease in 

particle size was observed by Ruiz et al. (2002) when increasing the impeller speed. Since 

Conroe oil (continuous phase) had a relative low viscosity (3.1 cP), the turbulent eddies were 

able to generate sufficient energy for breaking up the water droplets. When the impeller speed 
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Figure 5.4-1 Cumulative probability drop size distribution versus droplet diameter at  impeller 
speeds  of:  ●  300,  ■  400  and  ▲  600  rpm  and  continuous  phase  of  Conroe  oil  with    15  vol%  water    
at 20 ºC. 

 

was increased from 300 rpm to 400 rpm and then to 600 rpm, more eddies were produced and 

the size of droplets diminished due to breakage. According to literature (Luo and Svendsen, 

1996; Narsimhan et al., 1979), viscous forces can be neglected when the size of eddies generated 

by turbulent flow are smaller than the size of droplets. These small eddies create high-frequency 

oscillations in droplets resulting in droplet breakage. The logarithm of number density of 

droplets at different impeller speeds is demonstrated in Figure 5.4-2. The logarithm of the 

number density was shifted towards smaller droplet size as the impeller speed was increased 

from 300 rpm to 400 rpm and then to 600 rpm. Since the discrete method was employed to solve 

the population balance equations, the size range in μm for each simulation was predefined 

considering the experimental data (Boxall et al., 2010). 
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The number density presents the number of droplets in each bin in water phase per unit volume 

of the tank and in this study the logarithm of the number density was plotted versus the drop size 

for each simulation. Regarding the high values of number density, it must be mentioned that 

these values were not unexpected as by a simple approximation of a pre-assumed bin fraction, 

and considering the known second phase volume fraction and tank volume, initial number 

density, can be obtained and compared to the CFD calculated values. In order to validate the 

CFD predictions, we also calculated the cumulative size distribution (Milton and Arnold, 1990) 

of number densities and compared them to those reported in the literature by Boxall et al. (2010). 

The importance of breakage and coalescence depends on the size of droplets, turbulent intensity, 

and the physical properties of the system. Maggioris et al. (1998 and 2000) showed that the 

breakage predominates in the regions with higher turbulent intensity (e.g. around the impeller). 

This can be explained in terms of the increased turbulent kinetic energy imparted to the drops, 

thus resulting in a higher breakage frequency (Maggiroris et al., 1998; Ok et al., 2003; Ruiz et 

al., 2002; Takahashi and Takeuchi, 1992). Besides, the effect of coalescence should be taken into 

account in reduction of size distribution at higher stirring speeds.  

Figures 5.4-2a, b, and c depict a decrease in the number density for the first six drop sizes and 

then an increase in the number density for the largest drop size. This shows the tendency of the 

smaller drops to coalescence within the specified droplet sizes. Generally, the coalescence rate is 

a function of the collision rate between the drops and the coalescence efficiency between 

colliding drops (Luo, 1993; Maggiroris et al., 2000; Shinnar, 1961; Shinnar and Church, 1960; 

Stamatoudis and Tavlarides, 2007).   
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Figure 5.4-2 Logarithm of number density of droplets at  impeller speed of  a) 300 rpm, b) 400 
rpm and c) 600 rpm in Conroe oil and 15 vol% water  at 20 ºC.  

  

a) 

b) 

c) 
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The collision rate depends on the drop size and on the hydrodynamics of the dispersion. The 

coalescence efficiency depends on the time that two colliding drops remain in contact and the 

time required for draining of the intervening liquid film between them to achieve the film rupture 

and coalescence. Therefore, in Figures 5.4-2, the reduction in the droplet size at higher impeller 

speeds i.e. 400 rpm and 600 rpm compared to that at 300 rpm can be explained in terms of the 

increase in the production of smaller eddies at higher impeller speeds, which enhances the 

breakage rate, while the adhesion energy, collision rate, and coalescence efficiency between the 

middle sized bins were predominant, which induced coalescence and raised the population of the 

largest size droplets. Figure 5.4-3 demonstrates the turbulence kinetic energy of the mixture at 

impeller speeds of 300, 400 and 600 rpm for Conroe oil as the continuous phase. The turbulence 

kinetic energy was increased with an increase in impeller speed which led to more droplet 

breakage and narrower size distribution.  

 

 

 

Figure 5.4-3 Contour of turbulent kinetic energy (m2/s2) at different impelle speeds: a) 300 rpm, 
b) 400 rpm, and c) 600 rpm  in Conroe oil and 15 vol% water  at 20 ºC. 

a) b) c) 
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As can be seen in Figure 5.4-4a, the volume fraction of the dispersed phase (water) was high 

beneath the turbine and low above the impeller at 300 rpm. This was due to the higher density of 

water compared to the density of the continuous phase (oil) and insufficient turbulent energy 

generated by the impeller to circulate water within the tank. With the increase of the stirring rate 

to 400 rpm (Figure 5.4-4b) and then to 600 rpm (Figure 5.4-4c), the distribution of second phase 

became more homogenous in both lower and upper regions of the turbine. This was due to an 

increase in the velocity magnitude and turbulent kinetic energy throughout the tank which 

resulted in improved recirculation rate (Maggioris et al., 1998).   

 

 

 

 

Figure 5.4-4 Contour of water volume fraction at different impeller speeds: a) 300 rpm, b) 400 
rpm, and c) 600 rpm in Conroe oil and 15 vol% water  fraction at 20 ºC.  

 

b) a) c) 
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As mentioned before, there are two different regimes of emulsification,, which are called 

turbulent inertial and turbulent viscous regimes (Stamatoudis and Tavlarides, 2007; Vankova et 

al., 2007).  In the turbulent inertial regime, the small turbulent eddies in the disperse phase are 

predominant, whereas in the turbulent viscous regime the shear forces are responsible for the 

breakage of droplets. Several studies have been conducted on turbulent inertial regime while 

investigations on the dispersion in turbulent viscous regime have been rarely reported (Baldyga 

and Podgórska, 1998; Vankova et al., 2007; Walstra, 1983, 2005). Two types of oil were 

considered in this study: Conroe oil with a viscosity of 3.1 cP and interfacial tension of 20 

mN/m, and Troika oil with a viscosity of 20 cP and interfacial tension of 11mN/m (see Table 

4.2-1 in chapter 4). The CFD model was employed to calculate the cumulative probability size 

distribution and the logarithm of number density of the dispersed phase for both types of oil as 

continuous phase at the stirring speed of  300 rpm (Figures 5.4-5 and 5.4-6).  
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Figure 5.4-5 Effect   of   the   continuous   phase   type   (   ♦   Troika   oil   and   ●   Conroe   oil)   on   the  
cumulative probability drop size distribution at 300 rpm and  15 vol% water  at 20 ºC. 
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Figure 5.4-6 Effect of the continuous phase type on  logarithm of  number density of droplets at 
300 rpm and 15 vol% water  at 20 ºC. 

 

The CFD results were in good agreement with the experimental data reported by Boxall et al. 

(2010).  According to Kolmogorov theory (Maggioris et al., 2000; Vankova et al., 2007), the 

viscosity increase in continuous phase, leads to increase of the size of the smallest turbulent 

eddies. As a result, the emulsified drops could become smaller than the size of smallest turbulent 

eddies and eventually the emulsification would take place in the viscous regime. Thus, the shear 

forces become more effective in droplet breakage (Stamatoudis and Tavlarides, 2007). 

Moreover, the gain in the continuous phase viscosity can lead to lower coalescence rate which 

depends on the collision rate and the coalescence efficiency between drops. As mentioned 

before, the coalescence efficiency is dependent on the time needed for drainage of the 

intervening liquid film between droplets so that film rupture and coalescence can occur (Luo, 
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1993; Maggiroris et al., 2000; Shinnar, 1961; Shinnar and Church, 1960; Stamatoudis and 

Tavlarides, 2007). From Figures 5.4-5 and 5.4-6, it can be seen that an increase in continuous 

phase viscosity caused the droplet size distribution to shift towards the smaller sizes. The water 

droplet size was reduced from the range of 85-280  μm  in  Conroe  oil  to  the  range  of  25-165  μm  in  

Troika oil. This is due to a lower film drainage rate and thus lower coalescence efficiency 

(Alvarez et al., 1994; Maggioris et al., 2000; Stamatoudis and Tavlarides, 2007). In addition, for 

a given wall shear stress, a lower interfacial tension between two liquid phases leads to the 

formation of smaller droplets because the force retaining the drop has a lower intensity 

(Hayworth and Treybal, 1950; Lepercq-Bost et al., 2008). It can be seen from Table 4.2-1 that 

the interfacial tension between two phases (oil and water) was less for Troika oil (11 mN/m) 

compared to the that for Conroe oil (20 mN/m), which resulted in smaller drop sizes when using 

Troika oil. Overall, the shifts in cumulative size distribution and the logarithm of number density 

of droplets towards the smaller droplet sizes with the change in oil type from Conroe oil to 

Troika oil in Figures 5.4-5 and 5.4-6, can be explained as follows: firstly, in turbulent viscous 

regime, shear forces were able to increase breakage rate; secondly, the more viscous continuous 

phase lowered film drainage rate and thus resulted in reduction in coalescence rate; and thirdly, 

lower surface tension of Troika oil decreased retaining force of droplets. All these factors could 

lead to a narrower droplet size distribution and also a shift in the size distribution towards the 

smaller droplet sizes.  

In this study, the grid was partitioned into 24 parts and each simulation was run with 24 CPUs in 

parallel. In addition, one of the important point in this work is the impact of the mixing tank 

geometry on the population of dispersed phase which is described in terms of calculation of the 

average turbulent kinetic energy and also the contours of the volume fraction of the second phase 
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in the impeller region and the circulating region for different speeds and continuous phase 

viscosities. Figures 5.4-7 and 5.4-3a demonstrate the contours of turbulent kinetic energy 

computed using the validated CFD model for two different types of oil (Troika oil and Conroe 

oil) at the same impeller speed.  

 

Figure 5.4-7 Contour of turbulent kinetic energy (m2/s2) at 300 rpm and the continuous phase of 
Troika oil with 15 vol% water. 

 

These results show that the difference between the average turbulent kinetic energy in the 

impeller region and the circulating region for the more viscous continuous phase (i.e. Troika oil) 

was 0.01733 m2 s-2, which was higher than that calculated for Conroe oil (0.012 m2 s-2).  This 

supports the results found by Maggioris et al. (2000) regarding the effect of the continuous phase 

viscosity on the average turbulent kinetic energy in the impeller region and the circulating 

region. Figures 5.4-8 and 5.4-4a show the contour of dispersed-phase volume fraction calculated 
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using the CFD model at 300 rpm for two different types of the continuous phase (Troika oil and 

Conroe oil, respectively). These results revealed that the dispersed phase was more evenly 

distributed within the vessel when the continuous phase was Troika oil. This was due to the 

smaller droplet sizes and narrower size distribution achieved for the emulsion with a more 

viscous continuous phase.  

 

Figure 5.4-8 Contour of water volume fraction at 300 rpm and the continuous phase of Troika 
oil with 15 vol% water. 

 

The effect of the volume fraction of the dispersed phase (water) on the droplet size distribution 

was also explored using the validated CFD model developed in this study.  Figures 5.4-9 and 

5.4-10 depict the cumulative probability size distribution and the logarithm of number density as 

a function of the dispersed phase drop size computed for Conroe oil at 300 rpm at 15 vol% and 

25 vol% of water, respectively. No notable difference in the CFD results was observed at 15 

vol% and 25 vol% water. These CFD results are in good agreement with the experimental data 
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reported in the literature (Boxall et al., 2010; Ruiz et al., 2002; Vankova et al., 2007) in which 

the effect of volume fraction of dispersed phase was observed to have insignificant effect on the 

droplet size distribution of the dispersed phase.  

Liquid-liquid and gas-liquid dispersion systems play a significant role in chemical, petroleum, 

mining, food, and pharmaceutical industries. Prediction of drops size distribution is very crucial 

in designing and scaling up of these systems. The heat and mass transfer rates through interfacial 

areas can be determined if the size distribution is known (Luo and Svendsen, 1996). 
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Figure 5.4-9 Cumulative   probability   drop   size   distribution   versus   droplet   diameter   for:   ●   15  
vol%  and▼ 25 vol% water  at 300 rpm with the continuous phase of Conroe oil at 20 ºC. 
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Figure 5.4-10 Logarithm of number density at 15 vol% and 25 vol% water  at 300 rpm with the 
continuous phase of Conroe oil at 20 ºC.  

 

The design criteria for these systems are mostly empirical and scale up involves costly 

experimental programs. A major drawback of the empirical analysis is the inability to describe 

dispersion properties such as the droplet size distributions, interfacial surface area, and the 

droplet mixing rates. The CFD model developed in this study enables us to assess the effect of 

the design parameters and operating conditions on the performance of mixing systems utilized 

for the preparation of emulsions, where the prediction of dispersed phase homogeneity in tank as 

well as the droplet size distribution are very important for determining the interfacial areas and 

the heat and mass transfer rates. 
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5.4.3 Concluding remarks 

In this research, modeling of the droplet size distribution for water-in-oil emulsions was studied. 

Discrete model was implemented in population balance equation to investigate the droplet size 

distribution of the dispersed phase, i.e. water in two types of oil with different viscosities as the 

continuous phase. 7 bin fractions (classes) were considered for CFD simulation. The impeller 

rotation was incorporated into a batch small tank model under turbulent regime. Computational 

fluid dynamics (CFD) technique was implemented to study the effect of mixing in water-in-oil 

emulsion in a lab-scale tank. Breakage and coalescence phenomena were considered for size 

distribution using Luo model in population balance model. Logarithm of number density and 

cumulative probability size distribution were plotted versus droplet size of the dispersed phase at 

different impeller speeds, continuous phase type, and also volume fractions of water as the 

dispersed phase. In this work, simultaneous technique was employed to obtain an accurate 

solution which was in good agreement with the experimental results. 

In the case of Conroe oil as the continuous phase, increase in the stirring speed shifted the drop 

size distribution toward the smaller drop sizes. The contour of turbulence kinetic energy in the 

CFD result approved enhancement in turbulence for higher impeller speeds. The homogeneity of 

the dispersed phase volume fraction distribution in the whole vessel was improved as the stirring 

speed was increased. With the change in the continuous phase from Conroe oil to Troika oil, 

water drop sizes were reduced. The dispersed phase was more homogeneously distributed in the 

vessel due to better recirculation as the result of lower droplet size in Troika oil. Besides, the 

average turbulent kinetic energy difference between impeller region and circulating region was 

higher when using Troika oil than the same difference between the two regions for Conroe oil. 



Chapter 5: Results and Discussion                                                                                           162 

Finally, the variation in volume fraction of dispersed phase in the CFD results did not reveal any 

significant effect on the droplet size distribution.  

In summary, the important computational issues addressed in this work are simultaneous solution 

of transport equations combined with turbulence and population balance, use of Eulerian 

approach for multiphase modeling, employment of discrete method for population balance 

equation, and parallelization in computation. The modeling approach developed in this study 

appeared to be powerful and has the potential to be extended and adapted to more complicated 

systems such as reactive flows (e.g. emulsion polymerization).  In this case, nucleation and 

growth phenomena would also be imparted to the population balance equations, which was the 

target for the next work. 
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5.5 Use of CFD in modeling MMA solution polymerization in a 

CSTR (Fathi Roudsari et al., 2013) 

5.5.1 Introduction 

A thorough literature review revealed that little attention has been devoted to the investigation of 

polymerization reaction conducted in continuous stirring tanks using CFD technique. The 

purpose of this research was to explore the effects of different operating conditions on the 

monomer conversion through a CFD modeling approach based on a reaction source that takes 

into account the reaction mechanism of MMA solution polymerization in which the gel effect is 

also considered. This study investigates the conversion dependence on mixing, inlet solvent 

concentration, reaction temperature and residence time. The polymer mass fraction was obtained 

directly using monomer, initiator, solvent and radical concentrations calculated by the CFD 

modeling. 

The reactor model consists of a steady-state isothermal transport model coupled with a 

polymerization kinetic model. The schematic diagram of the reactor is shown in Figure 4.3-1 in 

Chapter 4. The mathematical model and the polymerization kinetic model are described in 

Chapter 4 Sections 4.3-2 and 4.3-3. The values of the reaction rate constants are listed in Table 

4.3-2. The geometry grid is presented in Figure 4.3-2. 

 CFD simulation was used to investigate the impact of the CSTR reactor operating conditions on 

MMA conversion in a solution polymerization.  The kinetic model took into account the gel and 

chain transfer agents (monomer and solvent) effects, which can affect the rate of polymerization. 

The experimental data were collected from open literature to validate the predictions of the 
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hydrodynamic kinetic model developed for the polymerization reactor (Maschio and Moutier, 

1989). 

5.5.2 Results and discussion 

Figure 5.5-1 shows profiles of MMA conversion in a solution polymerization versus initial 

solvent and monomer volume fractions for an impeller speed of 100 rpm, at constant temperature 

of   65˚C,   and   residence   times   of   45,   60,   and   90  min.    Experimental data are presented by the 

white symbols and the CFD predictions by the black symbols for residence time of 45, 60 and 90 

min, respectively. The trends of the CFD simulations are shown as smooth lines. CFD 

predictions agreed pretty well with conversion data all along variations of initial conditions.  

Influence of solvent fraction on the reactor performance is very important since the mobility of 

polymer chains is greatly enhanced in the presence of solvent (Beuermann et al., 1995). As the 

solvent dilutes the monomer, it inherently affects the kinetics of the polymerization, especially 

the termination reaction (Beuermann et al., 1995). Consequently, termination of the growing 

polymer chains does not occur as frequently as propagation, and results in a net increase in the 

observed rate of polymerization. In other words, variation of Kt with conversion is significantly 

affected by the starting amount of solvent, in other words, decreasing the solvent concentrations 

makes the gel effect more significant (Adebekun et al., 1989; Schmidt and Ray, 1981; Maschio 

and Moutier, 1989; Beuermann et al., 1995). In the CFD simulations, the gel effect expressed in 

Equation 4.3-10 caused the termination rate to decrease very rapidly. Besides, according to 

Equation 4.3-5, a high initial monomer concentration contributed to the generation of more live 

polymer radicals, which subsequently improved the polymerization rate.  
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Figure 5.5-1 Effect of inlet solvent concentration on the conversion at the outlet at residence 

times of τ = 45 min, τ = 60 min, and τ = 90 min; impeller speed of 100 rpm and T=65°C. 

 

Polymerization rate in continuous processes depends on the time the reactants spend in the 

reactor (Rudin and Choi, 2012) .In a recent study on low solvent MMA polymerization system in 

a copper tube, the higher residence time allowed the flow profile to be adequately developed 

before the polymer product exited the reactor (Versteeg and Malalasekera, 2007). Alternatively, 

in high monomer concentration polymerizations, a slight increment in conversion causes a very 

sharp reduction in polymer chain mobility, and, inevitably, affects the termination rate 

(Adebekun et al., 1989; Maschio and Moutier, 1989).  Also, in CFD modeling of polymerization 

system in a plug flow reactor (Waggoner et al., 1993), a rotating disc reactor (Lingnau and 
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Meyerhoff, 1984), and a CSTR reactor (Kolhapure and Fox, 1999; Maggioris et al., 2000) higher 

conversion were reported at increased residence time due to proper development of polymer 

product at exit of reactor and also less monomer dilution in the reactor due to higher viscosity of 

system.  These observations agreed with the results obtained by this CFD study (see Figure 5.5-

1). 

Figure 5.5-2 demonstrates the effect of temperature on conversion for the inlet monomer volume 

fraction of 0.7, constant speed of 100 rpm, and residence time of 30 min and 45 min. The plots 

exhibit the CFD approach capability to predict MMA monomer conversion at different operating 

conditions. Increasing the residence time from 30 min to 45 min has boosted the conversion from 

15% to about 80% at 60°C.  The CFD simulation takes into account the temperature impact on 

the free volume fractions, kinetic constants, gel effect, medium viscosity, and density. The 

predictions are in accordance with data reported in the literature (Maschio and Moutier, 1989). 

The sharp conversion increases at 60°C for residence time of 40 min is attributed to the gel effect 

phenomenon, that is directly related to the reactor temperature and high inlet solvent content 

(Adebekun et al., 1989; Fleury et al., 1992). In CFD simulations, with reducing the operating 

temperature, smoother curves obtained in conversion versus time plots. Conversely, at 

temperatures  higher   than  60˚C   the  curves  became  evidently  non-linear. In this study, viscosity 

was function of temperature, monomer conversion, and average molecular weight and was first 

calculated using Equations A.2-1 and A.2-2 of appendix A.2. Also, density was considered to be 

a function of the temperature as shown in Equation A.2-3 of appendix A.2. Figure 5.5-3 (a to e) 

shows CFD contours of un-reacted MMA monomer mass fraction at constant reaction 

temperature of 65qC and different inlet volumetric monomer content of a) 0.2, b) 0.4, c) 0.5, d) 

0.6, and e) 0.7, respectively. 
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Figure 5.5-2 Effect of temperature on the conversion at  τ = 30 min and τ = 45 min at inlet ϕm = 

0.7 and impeller speed of 100 rpm. 

As it is clearly observed, as the inlet monomer concentration was raised as shown in the color-

map of each contour in Figure 5.5-3 (a to e), the un-reacted monomer fraction decreased and 

therefore the conversion, which is the ratio of consumed monomer to initial monomer 

concentration, increased. As mentioned before, this increment in conversion was due to better 

development of flow profile of reaction mixture and therefore higher probability of reaction 

between reactants.  

Having  validated  the  CFD  predictions  for  reactor  temperature  55,  60,  65,  and  70˚C  (Figure  5.5-

2), the CFD contours of un-reacted MMA monomer mass fraction are shown Figure 5.5-4 for the 

same range of temperatures, one residence time of 45 min and an initial monomer volume of φm 

= 0.7. As clearly shown by the CFD results, the monomer was consumed very rapidly for the 

first   5˚C  when   switching   the   reactor   temperature   from   55   to   60˚C,   which   corresponds   to   un-
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reacted monomer mass factions of 0.56 and 0.175, respectively. This is a very sharp change 

about  38.5%  monomer  content  loss.  The  change  from  60˚C  to  65˚C  was  10.5%  and  then  to  70˚C  

was 7%. At this point mass fraction of un-reacted monomer contour showed zero value at the 

lower regions of the reactor, which means a complete monomer conversion to polymer. Thus, the 

CFD simulation confirms the significant influence of the reactor temperature on conversion. 

Several simulation runs were conducted to examine the influence of agitation on the reactor 

performance. Figure 5.5-5 shows plots of MMA conversion at the reactor outlet versus impeller 

speed for different monomer inlet volume fractions and residence times. The temperature was 

kept  constant  at  65˚C.    At  the  residence  time  of  45  min,  as  the  impeller speed was increased from 

50 rpm to 100, 200, 300, and 500 rpm, respectively, and for each inlet monomer volume fraction, 

the conversion gradually decreased. The maximum conversion drop between lowest stirring 

speed (i.e. 50 rpm) and the highest impeller speed (i.e. 500 rpm) was 2% for φm = 0.2 and 0.4;  

2.5% for φm = 0.6 and 5% reduction for φm = 0.7. In case of residence time of 60 minutes, the 

conversion between impeller speeds of 50 and 500 rpm  descended about 2% for φm = 0.2 and  φm 

= 0.4; 5% for φm = 0.6 and zero for φm = 0.7. The results indicate that for high residence time (τ = 

60 min) and high initial monomer volume fraction (φm = 0.7), the conversion is almost 

independent of stirring speed. The conversion decline at higher impeller speed may be due to 

short-circuiting of un-reacted monomer and also inlet/outlet location. A similar decrease in 

conversion at higher stirring speeds was reported for styrene bulk polymerization in a CSTR 

(Kolhapure and Fox,, 1999; Maggioris et al., 2000). However, Erdogan et al. (2002) 

experimentally showed an increase in conversion with stirring rate to a certain point, but further 

increase in impeller speed reversed the conversion profile. The improvement in conversion was 

attributed to a better initiator efficiency as the mixing was enhanced.   
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Figure 5.5-3 Contours of MMA monomer mass fraction at inlet monomer concentraton of: a)  
ϕm = 0.2, b) ϕm = 0.4, c) ϕm = 0.5, d) ϕm = 0.6, and e) ϕm = 0.7 at residence time of τ = 60 min, 
impeller speed of 100 rpm, and T= 65q C. 
  

a) b) 

c) d)   

e) 
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Figure 5.5-4 Contours of MMA monomer mass fraction at residence time of  τ = 45 min, inlet 
monomer concentration of ϕm = 0.7, impeller speed of 100 rpm and reaction temperatures of: a) 
55q C, b) 60q C, c) 65q C, and d) 70q C. 

  

(d c) 

 

 

b) a) 

  



Chapter 5: Results and Discussion                                                                                           171 

 

 

Figure 5.5-5 Effect of impeller speed on the conversion as a function of the inlet MMA monomer 
concentration at: a) τ = 45 min, and b) τ = 60 min and T=65°C. 
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Figure 5.5-6 shows the contours of un-reacted MMA mass fractions at different impeller speeds 

for  φm = 0.6 and τ  = 60 min. CFD simulations revealed  that mixing was not quite good at the 

lower impeller speeds of 50 and 100 rpm. Thus, the upper section of the reactor remained rich in 

un-reacted MMA, whereas MMA mass fraction dropped to 0.15 approximately in the region 

around the impeller and near the base of the tank. It can be easily observed that the monomer 

mass fraction changeed drastically from layer to layer of the reaction mixture especially at the 

upper section of the reactor. As the impeller speed was brought up to 200, 300, and 500 rpm, 

recirculation of the mixture was improved, thus rendering more uniform distribution of monomer 

content.  

To compare the monomer fraction contours at impeller speeds of 50 and 500 rpm, seven surfaces 

were generated, by means of CFD, at different locations perpendicular to the impeller shaft 

direction (Figure 5.5-7).  

Obviously, at 50 rpm, the first four planes indicate a limited polymer production. But at an 

impeller speed of 500 rpm, a circulation enhancement occurred resulting in a sharp drop of 

monomer content, particularly in the upper reactor region. Therefore, the CFD simulation was 

capable of exhibiting the existence of different mixing layers as well as dead zones in the reactor 

when the agitation was slow.  Conversely, the un-reacted monomer content did not significantly 

change in the reactor planes (v- vii) whereas the impeller speed was altered from 50 to 500 rpm.  

In other words, the polymer fraction and conversion did not show a profound change, which was 

5% only. That can be attributed to the location of the outlet stream that was placed at the lower 

region, i.e. bottom of tank. In this case, although with increase in impeller speed, the 

recirculation was getting better in the upper regions of the tank, the conversion did not 

significantly change due to fairly good agitation in lower region of tank in both low and high   
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Figure 5.5-6 Contours of MMA monomer mass fraction at τ = 60 min, ϕm = 0.6 and impeller 
speed of: a) 50 rpm, b) 100 rpm, c) 200 rpm, d) 300 rpm, and e) 500 rpm, T=65°C. 

 

speed. It must be mentioned that the conversion in this CFD study was obtained at the outlet 

location of the reactor.  

Influence of the residence time on homogeneity and conversion at a relatively low solvent 

content (φs = 0.3) is depicted by CFD distribution layers in Figures 5.5-8 and 5.5-9, keeping the 
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residence time at 45 min and varying the impeller speed from 50 to 500 rpm. The un-reacted 

monomer was subjected to faster recirculation, thus resulted in a more uniform MMA content 

dispersion inside the reactor space. This improved homogeneity resulted in lower conversion at 

the outlet (about 5% reduction in conversion). However, at τ = 60 min (Figure 5.5-9) and 

variation of the agitation speed from 50 rpm to 500 rpm, the monomer spent more time in the 

reactor and its mass fraction dropped to almost zero. 
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Figure 5.5-7 Contour of MMA monomer mass fraction in planes perpendicular to shaft direction 
at locations of i) 0, ii) 0.01 m , iii) 0.02 m, iv) 0.03 m, v) 0.045 m, vi) 0.06 m, vii) 0.115 m for τ 
= 60 min, ϕm = 0.6 and at the impeller speeds of: a) 50 rpm, and b) 500 rpm. 

  

a) b) 



Chapter 5: Results and Discussion                                                                                           175 

Under these operating conditions, the CFD simulation predicted the conversion of almost 100% 

even at a low impeller speed. It can be concluded that a full conversion is possible when the flow 

is fully developed providing an enhancement of macro mixing that can in turn, affect the 

propagation rate. 

 

 

 

Figure 5.5-8 Contours of MMA monomer mass fraction at τ = 45 min, ϕm = 0.7, and impeller 
speeds of: a) 50 rpm, b) 100 rpm, c) 200 rpm, d) 300, and e) 500 rpm, T=65°C.  

  

a) 

e) d) 

c) b) 
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Figure 5.5-9 Contours of MMA monomer mass fraction at τ = 60 min, ϕm = 0.7, and impeller 
speeds of: a) 50 rpm, b) 100 rpm, c) 200 rpm, d) 300, and e) 500 rpm, T=65°C. 
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5.5.3 Concluding remarks 

Computational fluid dynamics (CFD) technique was employed to investigate the influence of 

operating conditions (e.g. impeller speed, initial monomer concentration, residence time, and 

reaction temperature) on the conversion and homogeneity state in a lab-scale CSTR utilized for 

MMA polymerization. The CFD model developed in this study was validated successfully with 

the experimental data. Each run was performed using 36 CPUs supercomputing facilities. The 

CFD modeling incorporated the integration of continuity, momentum, energy and species 

continuity equations along with a polymerization source term. Impeller rotation was modeled in 

a 3D flow domain under isothermal and laminar regime.  The source term was a function of 

thermal and chemical initiations, chain transfer to monomer and solvent as well as the gel effect. 

An increase of temperature or initial monomer concentration enhanced monomer conversion, 

which exhibited a sharper increment with higher residence time. Besides, contours of monomer 

mass fraction conceptually allowed us to visualize the reaction progress in the reactor. At low 

impeller speed and lower inlet monomer concentration, imperfect mixing was revealed at the 

upper region of the reactor, but a raise in the impeller speed improved the degree of 

homogeneity. The key computational issues investigated in this study incorporated a relatively 

complicated kinetics including CTA and gel effect into the source term, then solution of 

transport equations combined with the mentioned source term, and parallelization in 

computation. The CFD modeling approach adopted in this study can easily reveal the impact of 

the internal flow pattern and the external flow condition on the performance of the 

polymerization reactor. This CFD modeling can be used for the reactor design, process 

optimization, and the forecast of the end product quality.  
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  Chapter 6 

6 OVERALL CONCLUSION AND 

RECOMMENDATIONS FOR FUTURE WORK 

6.1 Overall conclusion 

In this study, the experimental and computational fluid dynamics (CFD) techniques were utilized 

to analyze the effect of mixing parameters on the methyl methacrylate emulsion polymerization. 

The following main conclusions were achieved in five sections of this study. 

 

Section 1: Mixing effect on emulsion polymerization in a batch reactor equipped with the 

pitched blade impeller  

An increase in the impeller speed enhanced the polymer characteristics such as the monomer 

conversion, particle size, and molecular weight  up to an optimum speed (250 rpm) and further 

increase in the rotational speed (from 250 to 350 rpm) resulted in the reduction of the mentioned 

polymer properties. Installation of the baffles decreased the monomer conversion and number of 

particles, where as the particle size and the molecular weight of the polymer produced in the 

reactor with baffles were slightly increased. Also, use of baffles led to a polymer product with a 

narrower size distribution.  

 

Section 2: Impact of impeller type on MMA emulsion polymerization in a batch reactor  

Using the Rushton impeller showed relatively higher values for conversion, average molecular 

weight, particle size and glass temperature compared to those obtained using the pitched-blade 
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turbine at 100 rpm. However, the increase in the mentioned properties with the elevation of 

impeller speed was less significant than the gain obtained using the pitched-blade turbine. With 

the use of two pitched-blade impeller, the monomer conversion, average molecular weight and 

particle size at low stirring rate of 100 rpm were higher than those achieved using a single 

pitched-blade impeller. 

  

Section 3: CFD Analysis of mixing in emulsion polymerization of MMA  

The CFD model was validated with experimental data. It was employed to investigate the effects 

of the impeller speed, impeller type, and baffles on MMA conversion, particle size, and number 

density distribution of polymer particles. The CFD modeling revealed the decrease in conversion 

with the use of baffles due to the accumulation of monomer droplets behind the baffles. The 

distribution of polymer volume fraction within the reactor equipped with the pitched blade 

impeller was more uniform than that for the Rushton impeller due to a better circulation and 

higher flow number. 

 

Section 4: CFD modeling of the mixing of water in oil emulsion 

In the case of Conroe oil as the continuous phase, increase in the stirring speed shifted the drop 

size distribution toward the smaller drop sizes. The homogeneity of the dispersed phase volume 

fraction distribution in the whole vessel was improved as the stirring speed was increased. With 

the change in the continuous phase from Conroe oil to Troika oil, smaller water drop sizes were 

obtained. The dispersed phase was more homogeneously distributed within the vessel due to 

better recirculation as the result of lower droplet size in Troika oil.  
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Section 5: Use of CFD in modeling MMA solution polymerization in a CSTR.   

As expected, an increase of temperature or initial monomer concentration enhanced monomer 

conversion, which exhibited a sharper increment with residence time. Besides, contours of 

monomer mass fraction conceptually allowed visualization of the reaction progress in the 

reactor. At low impeller speed and small inlet monomer concentration, imperfect mixing 

appeared at the upper region of the reactor, but a raise in the impeller speed improved the degree 

of homogeneity.  
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6.2 Recommendations for future work 

Based on the experimental and CFD results achieved in this study, the following topics are 

suggested for future work:  

� The effect of mixing parameters on emulsion polymerization in a semi-batch reactor 

should be evaluated. 

� The breakage and agglomeration should be incorporated into the emulsion 

polymerization CFD model along with nucleation and growth phenomena.  

� The modeling of the molecular weight distribution for an emulsion polymerization should 

be included in the CFD model. 
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NOMENCLATURE 

b Luo model breakage parameter in Equation 4.2-14 

B Birth rate in Equation 4.2-15, m-3 s-1 

H1C  k-ε  turbulent model constant in Equation 4.1-23 

H2C  k-ε  turbulent model constant in  Equation 4.1-23 

H3C  k-ε  turbulent model constant in  Equation 4.1-23 

DC  Drag coefficient in Equation 4.1-11 

PC  Turbulent model constant  Equation 4.1-20 

fc
 Luo model breakage parameter in Equation 4.2-14 

Cm0 Initial monomer concentration in Equation 4.1-45, kg m-3 

Cmt Monomer concentration at time t in Equation 4.1-44, kg m-3 

D Diameter in Equations 4.1-10, 4.2-12 and 4.2-14, m;  

D32 Sauter  mean particle size  in  Equation 5.3-1, m 

Dturb Turbulent diffusivity in Sct number in section 4.1,  m2s-1 

DE Death rate in Equations 4.2-4 and 4.2-16, m-3 s-1 

DIF Mass diffusivity in Equations 4.1-17 and 4.3-4, m2s-1;   

f Bin fraction  in Equations 4.1-28 & 4.2-11; Initiator efficiency in Tables 4.1-1 and 4.3-2 

F
&

 External forces in Equations 5.1-5, 4.2-3 and 4.3-2, N 

fBV
 Dimensionless size of daughter drops in Equation 4.2-12 

gt Gel effect coefficient in Equation 4.3-10 

g&  Gravitational acceleration, m s-2 
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Gb 
Generation rate of turbulent kinetic energy due to buoyancy in Equations 4.1-22 and 4.1-
23, Kg m-1 s-3 

Gk Generation rate of turbulent kinetic energy in Equations 4.1-22 and 4.1-23, Kg m-1 s-3 

Gr Growth rate based on particle radius in Equation 4.1-47, m/s 

Gv Growth rate based on particle volume in Equation 4.1-48, m3/s 

inI  Initiator concentration in water in Equation 4.1-31, molecules. cm-3 water 

I
&&

 Unit tensor 

J Diffusive flux in Equations 4.1-15, 4.1-16, 4.1-17 and 4.3-4, kg/m2 s 

K Luo model breakage parameter in Equations 4.2-13 and 4.2-14, m-3 s-1 ; 

k1 Rate constant of formation of polymer particle in section 4.1-3 

k2 Rate constant for initiation and termination of particles in section 4.1-3 

kd Initiator decomposition rate coefficient in section 4.1-3, l.s-1 

kprop Propagation rate coefficient in Tables 4.1-1 and 4.3-2, l.mol-1.s-1 

Kpq Exchange coefficient in Equations 4.1-5, 4.1-9 and 4.4-2, s-1 

kt,0 Initial total termination rate coefficient in Equations 4.3-5 and 4.3-6, l.mol-1.s-1 

ktc Termination by combination rate coefficient in Table 4.3-2, l.mol-1.s-1 

ktd Termination by disproportionation rate coefficient in Table 4.3-2, l.mol-1.s-1 

kth Thermal decomposition rate coefficient in Table 4.3-2, l2. mol-2.s-1 

ktrf m Chain transfer rate to monomer constant in Table 4.3-2, l.mol-1.s-1 

ktrf s Chain transfer rate coefficient for solvent in Table 4.3-2, l.mol-1.s-1 

kturb Turbulence kinetic energy in Equations 4.1-18 and 4.1-22, m2 s-2 
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kv Parameter in Equation 4.1-37 and 4.1-38, g  -2/3 

L Number of  discrete size  bins in Equation 4.1-26. 

l Drag function in Equations 4.1-9 and 4.1-11 

M0 Initial monomer concentration in Equation 4.1-37,  g cm-3 water 

Mw Molar mass in Equation 4.3-13, gmol-1 

sm  Emulsifier micelle concentration in Equation 4.1-33 and 4.1-34, molecule.cm-3 water 

m�  Mass transfer rate in Equation 4.1-1 and 4.1-2, kg s-1m-3 

N Total number density in Equation 4.2-8, m-3 

n Number density function of particles with volume V of droplets in Equation 4.2-8, m-6 

N 
Number of dead polymer particles in  reaction kinetics in section 4.1.3; Impeller speed 
in Equation 5.3-2, rad.s-1 

 
NA Avogadro’s  Number  in  Equation  4.1-47, mol-1 

NT The total number of particles in the reactor in Equations 4.1-33 an 4.1-35 

aggrN  Aggregation number of micelle in Equation 4.1-36 

n  Number of radicals per particle in Equation 4.1-47 

kN c  Total number of particles per unit volume of reactor in Equation 4.1-26 and 4.1-27, m-3 

TN c�  
Nucleation rate in Equation 4.1-30 and 4.1-43, particles m-3s-1 

knc  Number of particle in bin size k in Equations 4.1-29 and 4.1-30, m-3 

P Pressure, N m-2 

jPx

 Active polymer containing j units in section 4.1.3 

Q Volumetric flow rate in Equation 5.3-2, m3s-1 
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r Radius of particle in Equation 4.1-47, m 

inr  Generation rate of initiator radical in section 4.1-3, molecules cm-3 water.s-1 

x
inR  Initiator radical concentration in water in Equation 4.1-33, molecules cm-3 water 

R 
 

Live polymer radical in sections 4.1.3 and 4.3.3 

Rg Universal gas constant in Tables 4.1-1 and 4.3-2, 8.3 J mol-1 K-1 

S 
Effective emulsifier concentration for micelle formation in Equation 4.1-37, molecules. 

cm-3   

S  Source term in Equation 4.3-3, kg. m-3.s-1 

S0 S0 = Sin-SCMC    in Equation 4.1-39, molecules. cm-3 

t Time, s 

T Inner tank diameter in section 3.1.1 , m ; temperature in Equation 4.3-8, K 

Tg Polymer glass transition temperature in Equation 4.3-8, K 

V Volume, m3 

v&  Velocity in Equations 4.1-5, 4.2-2 and 4.3-2, m s-1 

vc&  Turbulent  velocity in Equations 4.1-18 and 4.1-19, m s-1 

vf Specific free volume in Equations 4.3-7 and 4.3-8  

Wi    Mass fraction of ith species in Equations 4.1-15 and 4.3-3 

X Monomer conversion, in Equation 4.1-42 

xf Final weight ratio of the polymer in the reactor to the total amount of monomer fed into 

the reactor in Equation 5.1-1 

 
Greek Symbols 

D  Volume fraction in Equation 4.1-5, 4.1-26, 4.1-28 and 4.2-9 

x
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∇ The Vector differential operator 

μ Viscosity in Equation 4.2-9 and A.2-1, N m-2 s 

μturb Turbulent viscosity in Equation 4.1-26,  N m-2 s  

V  Surface tension in Equation 4.2-14, N m-1 

kV  Turbulent model constant in Equation 4.1-22 

HV  Turbulent model constant in Equation 4.1-23 

[  Dimensionless eddy size in Equation 4.2-13 

B:  
Breakage rate of particle size diameter di in to daughter particle size diameter Dk in  

Equation 4.2-13, m-3 s-1 

C:  

 
Coalescence rate of particles with volumes of iX and jX

 in Equation 4.2-15, m-3 s-1 

W
 Residence time, min 

W
&&  Stress tensor in Equations 4.2-3 and 4.3-2, N m-2 

pW  Relaxation time in Equation 4.1-10, s  

H  Parameter in Equation 4.1-35 

turbH  Turbulence dissipation rate in Equation 4.1-19, m2 s-3 

ρ Density in Equation 4.1-16, Kg m -3 

φc Critical mass fraction of monomer in the polymer particles in Equation 4.1-38 

Subscripts 

B Breakage 

BV Binary Breakage 
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C Coalescence 

d Initiation decomposition 

dr Drift velocity 

i Index number 

I Daughter size 

II Daughter size 

in Initiator 

j Index number 

lift Lift force 

k Index number 

m Monomer 

mix Mixture of phases 

p Phase number 

prop Propagation 

P Polymer 

pq Inter-phase 

q Phase number 

r Number of monomer units 

s Secondary phase 

T Total 

t Termination  

t,0 Termination without gel effect 

tc Termination by combination 

td Termination by dissociation 

th Thermal initiation 
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trfm Chain transfer to monomer 

trfs Chain transfer to solvent 

turb Turbulent 

vm Virtual mass 

x x coordinate perpendicular to the gravitational vector 

y y coordinate perpendicular to the gravitational vector 

 z z coordinate parallel to the gravitational vector 

Superscripts 

 T Transpose 

Abbreviations 

 3D Three-dimensions 

CFD Computational fluid dynamics 

CMC Critical micelle concentration 

CSTR Continuous stirred tank reactor 

CTA Chain Transfer agent 

DSC Differential scanning calorimeter 

Fl Flow number in Equation 5.3-2 

GPC Gel permeation chromatography 

KPS Potassium persulphate 

MMA Methyl methacrylate 

MRF Multiple reference frame  

Re Reynolds number 

RMS Root mean square 

rpm Revolution per minute 
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Sct Schmidt number 

SDS Sodium dedecyl sulphate 

SEM Scanning electron microscopy 

THF Tetrahydrofuran 

UDF User defined function 



Appendices                                                                                                                              190 

APPENDICES 

A.1 User defined function for MMA emulsion  Polymerization 

#include "udf.h" 

#include "sg_pb.h" 

#include "sg_mphase.h" 

DEFINE_PB_NUCLEATION_RATE(nuc_rate, cell, thread) 

{ 

real dn,nt,s; 

real monomer_conc,polymer_conc; 

real I0 = 1.728e18; /*initiator concentration molecules/cc water */ 

real kdf = 6.65e-7; /* per second */ 

real epsilon = 1.28e5; 

real szero = 2.47e19; /* molecules/cc */ 

real ro2 = 1.39; /* polymer density 1.18*2 g2/cm6 power2 */ 

real ini_mon = 260.41; /* initial monomer g per l concentration in primary phase (water and 

monomer) 250/0.96 =260.41 g/Litre or kg/m3 */ 

real kv = 4.61e15; 

real rini = 22.98e11; /* molecules/ sec.cc water  */ 

Thread *tc = THREAD_SUPER_THREAD(thread); /*obtain mixture thread */ 

Thread **pt = THREAD_SUB_THREADS(tc); /* pointer to sub_threads */ 

Thread *tp = pt[P_PHASE];    /*primary phase thread */ 

nt = rini*130.*60.; 
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monomer_conc = C_YI(cell,tp,0)*C_R(cell,tp); /* monomer g per litre concentration in primary 

phase (water and monomer) */ 

polymer_conc = ini_mon - monomer_conc; 

/* 0.00137 * A  g monomer /litre water and monomer  =  B  g monomer/cc water  */ 

s = szero - (kv* pow((polymer_conc*1.37e-6),0.66)*pow(nt, 0.33)); 

 /* 1 cc water = 1.37e-6 m3 total volume */ 

dn = 7.29e5*rini/(1+(epsilon* (nt/s))); 

/* dn is in particle/(m3 total volume. second)*/ 

return dn; 

} 

#include "udf.h" 

#include "sg_pb.h" 

#include "sg_mphase.h" 

DEFINE_PB_GROWTH_RATE(growth_rate,cell,thread,d_1) 

{ 

real G; 

real kp = 1.8e6; /*propagation rate coefficient m3/mol s */ 

real rom = 940.; /* density of monomer g per litre */ 

real rop = 1180.; /* density of polymer g per litre */ 

real na = 6.02e23; /* avogadro no */ 

real nbar = 0.5; /* radical per particle */ 

real ini_mon = 260.41; /* initial monomer kg per m3 */  

real v = 960.; /* primary phase volume m3 */ 
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real monomer_conc, polymer_conc,conv,  

particle_vol, particle_radius; 

Thread *tc = THREAD_SUPER_THREAD(thread); /*obtain mixture thread */ 

Thread **pt = THREAD_SUB_THREADS(tc); /* pointer to sub_threads */ 

Thread *tp = pt[P_PHASE];    /*primary phase thread */ 

monomer_conc = C_YI(cell,tp,0)*C_R(cell,tp); /* monomer g per liter concentration in primary 

phase (water and monomer) */ 

polymer_conc = ini_mon - monomer_conc; 

conv = polymer_conc / ini_mon; 

particle_vol = polymer_conc/rop*v; 

particle_radius = pow (particle_vol,0.33)*0.623; 

if (conv <= 0.43)  

  { 

    G = kp*nbar/(na*4*3.14*pow(particle_radius,2))*1.32; 

  }  

else 

 {    

    if (conv = 1.) 

         { 

    G = 0.; 

   }  

   else  

   {  
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             G = kp*nbar/(na*4*3.14*pow(particle_radius,2))*(1-conv)/conv; 

   } 

 } 

return G; 

} 

A.2 Physical Properties of MMA solution polymerization 

The change in monomer viscosity with temperature can be defined according to the Equation 

(A.2-1) (Yaws, 1999). 

 

 

(A.2-1) 

 

Sangwai et al. (2006) developed a correlation to relate the conversion of monomer to viscosity as 

shown below: 

  (A.2-2) 

 

where K´= -36.4, a = 12.8 and b = 3.4. 

Also, density correlation was extracted from Baillagou and Soong as can be seen below (1985): 

 
 

(A.2-3) 

where mU  and pU  are the densities of monomer and polymer respectively. 
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